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A B S T R A C T

Climate change and global warming are urgent concerns, prompting the scientific community to focus on 
achieving net-zero greenhouse gas (GHG) emissions primarily through renewable energy sources. Carbon capture 
and utilisation (CCU) technology offers a practical solution by converting carbon dioxide (CO2) into usable 
chemicals and fuels, while hydrogen (H2) presents a highly efficient, zero-emission fuel alternative, despite 
challenges in its production and storage. The processes for generating these fuels differ, necessitating specific 
system conditions for each. Computational tools, especially computational fluid dynamics (CFD), have become 
vital for optimizing these processes. Central to CFD models are kinetic equations that describe the conversion of 
feedstock and the generation of products. This review discusses the reaction pathways for gaseous and liquid fuel 
production, along with the proposed kinetic rate equations from existing literature. Additionally, it emphasises 
the significance of accounting for various factors in CFD models, including catalyst deactivation and competitive 
reactions, to maintain selectivity for desired products. Accurate physical representations are also crucial for 
modelling fluid flow, mixing, and heat transport, improving reactor design, optimisation, and scaling processes 
effectively compared to traditional experiments. The presentation of governing equations varies based on reactor 
types and flow systems. Ultimately, CFD not only validates experimental results but also aids in discovering 
optimal reactor designs and parameters for enhanced efficiency and product yields. Its ongoing advancement in 
predictive modelling and optimization marks it as an essential tool in contemporary research and industrial 
sectors focused on sustainable fuel production.

1. Introduction

The burning of fossil fuels for different applications and modern 
technologies concurs to the extensive production of greenhouse gas 

(GHG) emissions. The increase of the concentration of carbon dioxide 
(CO2) and other GHGs are contributing to the global warming and 
environmental crisis with significant effects to the climate that are more 
obvious each year. The continuation of emissions of GHGs to the 
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atmosphere, CO2 will triple from the pre-industrial levels by the year 
2100 [1]. A critical target implementing new technologies to stabilise 
the global mean temperature between 1.5 and 2 ◦C relative to the pre- 
industrial era by end of this century has been set. To achieve the goal, 
the global yearly emissions should be net-negative or net-zero [2,3]. To 
cope with the great energy demand and the depleting of energy sources, 
the emphasis has shifted towards the renewable energy sources (RES) 
and greener alternative sources of gaseous and liquid fuels.

In order to decongest the atmosphere from emissions and mitigate 
the climate change the capture and catalytic conversion of CO2 emis
sions through the carbon capture and utilisation (CCU) technology, to 
gaseous and liquid fuels is promising [4]. Possible utilisation pathways 
of CO2 include not only the synthesis of fuels but also, chemicals and 
materials. Some of the most common products are methane (CH4), 
methanol (MeOH), dimethyl ether (DME), formic acid (HCOOH, FA), 
ammonia (NH3), polyurethanes, carbonates, higher hydrocarbons and 
alcohols. The CCU is indeed a rising technology which is still facing 
particular issues in terms of products selectivity, catalyst activity and 
stability while the energy consumption and the economic feasibility of 
the process are also contributing to development of the process in 
commercial level. The nature of generated products plays a vital role on 
the emissions from their consumption as in many cases the product can 
only delay the CO2 emissions in the atmosphere [5]. In addition, the 
hydrogen (H2) industry is producing and consuming about 60 million 
tons with the feedstock coming from gas, oil and coal through the steam 
reforming and partial oxidation reaction processes [6]. H2 is an emission 
free fuel that has gained the interest of many the recent years, for the 
higher efficiency prospects of H2 in comparison to gasoline. The do
mestic production and the development of fuel cells are some of the 
potential uses, although, the challenge of its production and storage in 
pure form is still a major factor [7]. Also, beyond its utilisation in ap
plications as a fuel, it is required in order to perform the CO2 hydroge
nation reactions. The electrolysis of water for green H2 production, as an 
alternative scenario is a more expensive route when compared to the 
production of H2 from natural gas [6]. However, the storage of H2 is 
another issue, as in liquid form, large amounts of energy are required. 
Therefore, H2 energy carriers such as liquid organic hydrogen carriers 
(LOHCs), metal–organic frameworks (MOFs), hydrides and NH3 can be 
involved as an intermediate step for the storage of H2 [8,9].

With the increasing of the complexity of existing and new processes 
and the cost of manufacturing and operation of developing technologies, 
the advanced computational modelling tools with an exponentially 
increasing on the computational capabilities are contributing to the new 
developments in the field of research. The lower time and cost, are some 
of the advantages of the computational tools, when compared to car
rying out the processes in the lab, while they offer a deeper under
standing according to underlying physics and the opportunity for 
optimisation [10]. Computational fluid dynamics (CFD) modelling 
coupling all the governing equations, boundary conditions and kinetics 
can display a wider insight of all the phenomena occurring inside the 
system that would be very difficult to obtain experimentally. Such 
phenomena include the reaction efficiency, mass and heat limitations, 
system configuration limitations, mixing and/or flow behaviour etc. 
Moreover, CFD modelling could predict the performance of the design 
system under different operating conditions (temperature, pressure, 
velocity, mass of the catalyst etc), reactor configurations, feedstock and 
chemical reactions with ease without carrying out experiments that 
require consumables, equipment, space and time to perform the studies. 
The accuracy of the simulated results can be determined by the accuracy 
of the model and hence the dimensions of the designed model that can 
vary from one-dimensional (1D), two-dimensional (2D) and three- 
dimensional (3D). In literature, most of the numerical studies 
regarding catalytic reactions in reactor units use 1D and 2D models, 
though 2D models assume axial symmetry. 3D models are the most 
realistic, but they require the most computing resources [11]. Moreover, 
in many different studies 1D models are preferred especially in batch 

reactor simulations as there are no spatial variations of flow, tempera
ture and concentration. In a study of Leonzio and Foscolo [12], a com
parison was conducted between 1D and 2D models regarding the CO2 
hydrogenation reaction towards MeOH in a packed bed reactor. The 
results indicated that both models showed good agreement between 
them, however the 2D model was evidently more practical for simu
lating with accuracy the structured packed bed reactor as it can provide 
important information considering the radial direction.

In the recent years, reviews implementing CFD studies have been 
published considering the H2 production from various feedstocks 
considering safety issues during the production, storage, transport and 
utilisation chain as well as the investigation regarding the reactor design 
set-up of the process which provides insightful information for optimi
sation and validation [10,13,14,15]. Additionally, there is an extensive 
discussion in literature considering the catalyst advancements and 
development and mechanistic understanding for both CO2 hydrogena
tion and H2 generation from energy carrier molecules 
[16,17,18,19,20,21,22]. At the same time, literature reviews are found 
to focus mainly on the hydrogenation towards MeOH [23,24,25,26,27], 
while only few provide insightful information from techno-economic 
and energy analyses [28,29,30]. However, it was observed the lack of 
completed published surveys in literature, that are focusing in-depth on 
the CFD modelling and are presenting not only the theoretical in
vestigations, but also indicate the significance of CFD, the equations and 
kinetics that are implemented in the model development as well as the 
possibility and opportunity to assess completely different reactor set- 
ups. Hence, we present a CFD review considering the generation of 
gaseous and liquid fuels from CO2 hydrogenation and H2-storage mol
ecules focusing on validation, optimisation and recent progress. 
Through the discussion of various investigations, the importance of 
simulation modelling is highlighted as well as their excelling perfor
mance compared to the effort that needs to be put for experiments.

In this work, the focus is to review CFD simulations to produce gas 
and liquid fuels in different reaction systems including all pathways of 
processes with the kinetic models and governing equations that are 
required to be considered in the model development. Moreover, the 
contribution of the process optimisation emphasising on investigated 
factors affecting the performance of production rates will be described 
and how the optimisation has given a practical solution. An in-depth 
discussion of the different reactor units used for carrying out the simu
lations will be made as well as future directions will be highlighted and 
discussed.

2. Production pathways and kinetic mechanisms

The origin and production process of alternative gas and liquid fuels 
may varies, but they are all generated through clean and sustainable 
procedures without additional emissions released into the atmosphere 
[31]. The CO2 conversion process into value added products is a hy
drogenation process where CO2 reacts with H2 and is classified into two 
categories, the methanation reaction and the formation of hydrocarbons 
through the Fisher-Tropsch (FT) reaction [32]. Fig. 1 presents the 
possible pathways of CO2 hydrogenation into value added chemicals and 
fuels. CO2 hydrogenation is extensively investigated for providing direct 
routes for the production of various fuels and chemicals with the cata
lytic hydrogenation being the a developed and promising technology 
[33]. On the other hand, the necessity to find a solution for the storage of 
H2 which faces safety challenges and limitations, has led to technologies 
including H2-lean molecules that act as storage system and with dehy
drogenation they release H2. Such storage molecules can be generated 
from atmospheric CO2 with the liquid compounds being FA, NH3 and 
alcohols. The other pathway is the LOHCs which undergo fully revers
ible hydrogenation/dehydrogenation cycles [34]. H2 generation from 
hydrogen carriers has several practical applications in the context of 
green energy systems for the decarbonisation of the power, industry and 
transportation sectors. It offers on-demand H2 generation for portable 
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systems such as fuel cells and vehicles, and supports supply in areas 
lacking pipeline infrastructure [35]. Moreover, it provides an alternative 
option of the traditional power grid because combined with a fuel cell, 
the electricity can be produced as needed, reducing the need for H2 
storage [36]. In the section herein, a mechanistic description and dis
cussion of the main CO2 hydrogenation fuel products and H2 production 
routes from H2 storage materials are presented. Different investigated 
kinetic models are summarised and the kinetic rates are introduced for 
the first time of different materials and reaction conditions. Kinetic 
equations implemented in CFD models could be simple power law ki
netic expressions as well as kinetics derived from in-depth understand
ing of reaction mechanisms.

2.1. The main products of CO2 hydrogenation

2.1.1. Methane
CO2 methanation was firstly proposed by Paul Sabatier and Jean- 

Beptiste Senderens in 1902 where CO2 and H2 react to produce CH4, 
potentially developing a power-to-platform solving the intermittent 
issue of solar and wind RES and circular economy [38]. The power-to- 
gas (PtG) technology for renewable electricity generation is consid
ered to be one of the most promising applications among the CO2 uti
lisation routes. The CH4 produced known as synthetic natural gas (SNG) 
provides a solution in electric energy storage with many pilot scale ex
amples around the world [39,40]. In addition, SNG could be utilised as a 
fuel or as a feedstock for further synthesis of chemical products such as 
alcohols or even for biogas upgrading. With biogas consisting mainly 
CH4 and CO2, its upgrading enhances the CH4 content. However, the 
techniques for removal of CO2 from the mixture and its release into the 
atmosphere are environmentally unfriendly and contributing to the 
climate crisis. Therefore, the hydrogenation of the existing CO2 through 
the methanation reaction improves content of CH4 [41]. The methana
tion process reaction is expressed by the catalytic reaction in Eq. (1)
[20]: 

CO2 + 4H2 ⟷ CH4 + 2H2O                                                          (1)

The methanation of CO2 is an exothermic reaction that is favoured at 
lower temperatures. The activation of C-O bond is considered as a 
challenge as it has a high kinetic barrier being an eight-electron process 
and thus, higher temperatures are required for the reaction activation 
[42]. There are two possible pathways converting the CO2 into CH4, the 
direct and CO route. The direct methanation is displayed by Eq. (1) as 
the CO route implements the reverse water–gas shift reaction (RWGS) 
and CO methanation reaction expressed as [20]: 

CO2 + H2 ⟷ CO + H2O                                                               (2)

CO + 3H2 ⟷CH4 + H2O                                                               (3)

The CO production from the RWGS reaction, is dominant especially 
at high temperatures as well as the coke formation. Many different 
catalytic materials have been tested for their catalytic activity, pro
duction rates and selectivity towards main products. Promising results 
was shown by metals from the groups of 8, 9 and 10 of the periodic table, 
including metals such as cobalt (Co), iron (Fe), ruthenium (Ru), mo
lybdenum (Mo) [43]. Also, transition metals such as Rb, Pd, nickel (Ni) 
and Ru have been all investigated displaying high activity towards the 
methanation reaction, with Ni-based catalysts being commonly utilised 
for their low cost and outstanding catalytic performance [44]. A vital 
challenge is catalyst deactivation that can occur physically or chemi
cally. The catalysts used for the methanation reactions tend to be sen
sitive and more prone to be poisoned by carbon deposition chlorine 
compounds, tars, NH3, sulfur compounds or alkalis [45]. The mecha
nism of the methanation reaction and its exact route have been in dis
cussion and not agreed upon, as experiments show different pathways at 
different conditions. The dissociation of CO(s) and the following hy
drogenation of CHx(s) have been suggested as the rate-limiting step 
between 270 and 400 ◦C [46]. However, many kinetic models have been 
proposed for different catalysts through the years, with some of the 
approaches being based on the simple power law model and others 
followed more complex models. Table 1 groups validated kinetic models 
at different ranges of temperatures, pressures and H2 and CO2 ratio.

Weatherbee and Bartholomew [47], used a Ni/SiO2 catalyst to define 
the kinetic model for the hydrogenation of CO2. A simple power law 
approach was not able to describe the kinetic while with the Langmuir- 
Hinshelwood rate approach the results fitted well. The mechanism in
volves the dissociative adsorption of CO2 to CO and atomic oxygen 
followed by dissociation of adsorbed CO to atomic carbon and atomic 
oxygen and then CH4 is generated by the hydrogenation of atomic car
bon. Xu and Froment [48], investigated the steam reforming of CH4 in 
1989 using Ni/MgAl2O4, where the reverse reaction pathway leads to 
CO2 and CO methanation. A large number of reaction schemes were 
proposed with only two being considered for the model discrimination. 
In most of studies the reaction rates expressed by Xu and Froment are 
utilised and can predict with accuracy at high temperatures over 300 ◦C 
and up to 575 ◦C and pressures between 3–15 bar [11].

More recent studies occurred to determine the hydrogenation of CO2 
in the presence of catalyst. Onrubia-Calvo et al. [49], performed more 
than 120 kinetic experiments shifting different parameters such as re
action temperature, total pressure, space velocity and partial pressure of 
products and reactants in order to define the reaction kinetic rates of 
CO2 methanation using a Ni/CeO2 catalyst. Characterisation studies 
revealed that two different Ni sites are involved with the one being the 
reduced Ni for H2 dissociation and cationic Ni stabilised in the NiO/Ce 
interface for CO2 dissociation. For the first time, the Langmuir- 
Hinshelwood-Hougen-Watson (LHHW) approach was utilised for this 
catalyst material, considering the formate route to be the rate-limiting 
step while being effective to predict with accuracy the performance of 
reaction. The model was found to predict satisfactorily the obtained 
results from the experiments with the mean absolute deviation which 
was less than 11 % to be lower than other common models investigated 
in literature. Moreover, two different active sites where for CO2 
adsorption and H2 dissociation were considered providing also good 

Fig. 1. Schematic illustration of chemical and fuels from CO2 hydrogena
tion [37].
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results with mean absolute deviation being less than 12 %. In contrast to 
the first model, in the second the mean absolute deviation might have 
showed a slight rise, thus the two active sites assumption is physically 
more realistic.

Quindmil et al. [50], similarly to previous study, have analysed 
various experiments under different operating conditions to define the 
mechanism and kinetics of CO2 methanation reaction of low-loaded Ni/ 
Al2O3 catalyst. Even though the reducibility of Ni was found to be as low 
as less than 10 %, the strong NiO-Al2O3 interaction was considered to be 
stable during the kinetic experiments. 153 experiments were performed 
and alongside to the DRIFTS results, an H-assisted CO formation route 
was suggested for the first time. Comparing to other reported routes an 
improvement in the mean absolute deviation was observed with value of 
7 %. The LHHW mechanistic model regards the decomposition of 
formate species into carbonyls via the proposed route and the further 
hydrogenation into CHO as the rate-determined step. The results 
demonstrated that the mechanism and kinetics of CO2 methanation can 
accurately describe the intrinsic kinetics. Activity tests were conducted 
showing poor performance. The low activity and CH4 selectivity were 
suggested to be attributed to high interaction between metal and sup
port. At the same time, the stability investigation showed no relevant 
changes within the stream time period of 48 h, revealing that reduced Ni 
sites did not suffer from any deactivation mechanism or sintering.

Varun et al. [52], synthesised a M/NiO-MgO nanocomposite (M =
Co, Fe and Cu) to comprehend the mechanism and activity of catalyst of 
methanation reaction. It was observed that uniform particle distribution 
is achieved for Co/NiO-MgO and Cu/NiO-MgO nanocomposites while a 
flaky distribution was obtained for Fe/NiO-MgO catalyst as the pore 
volume is higher compared to the other catalytic materials. Using inputs 
from temperature programming reduction with H2 (H2-TPR) and tem
perature programming desorption with CO2 (CO2-TPD) the mechanism 
of reaction was explored. The mechanism of reaction was suggested 
considering the metallic active sites from doped and undoped catalysts 
as M where the model was found to validate the experimental results 
well. Considering a pseudo-steady state approximation the reaction rate 
was developed assuming that both reactants are chemisorbed on the 
surface of catalyst. The association of adsorbed C and H are regarded as 

the rate-determining step.

2.1.2. Alcohols
Among the CO2 hydrogenation products, alcohols and especially C1 

alcohol (MeOH) is one of the most known products as it can be advanced 
into various chemical products. Higher alcohols (HAs) C2-C5 can also be 
implemented into the transportation section and more specifically into 
the fuel blends or alone in order to enhance the performance of the 
engines [53]. Thus, the direct formation of alcohols from CO2 has gained 
the interest of scientists to mitigate the stress of environmental crisis 
[54]. However, the direct CO2 hydrogenation to HAs is difficult to 
succeed due to the uncontrollability of the C–C bond coupling path and 
various complex reaction routes [53,54]. Two possible routes have been 
proposed, the formate (HCOO) route and the carboxyl (COOH) route, 
with the first one being regarded as the significant intermediate in the 
MeOH synthesis as the adsorption of COOH species is much weaker than 
the HCOO species. The CO2 hydrogenation to MeOH is expressed as 
[55]: 

CO2 + 3H2 ⟷ CH3OH + H2O                                                       (4)

Due to the fact that the formation of CO is comprised in the CO2 
hydrogenation, the synthesis of HAs from CO2 can be related with the 
RWGS reaction and CO conversion to HAs. The promotion of C-O bond 
breaking and the C–C bond coupling while keeping at least one C-O bond 
intact in the products is the considered the main challenge and thus, the 
strategy for the catalyst design for HA synthesis is multifunctional [56]. 
Catalysts with non-dissociative CO activation and insertion and CO 
dissociative activation and carbon chain propagation were found to be 
effective for HAs production through the CO pathway [57]. Several 
different kinetic models have been developed for the hydrogenation of 
CO2 to MeOH and HAs. In addition, it was also found that MeOH can be 
the key intermediate product, where the combination of two molecules 
of them can lead to the formation of ethanol. Since the CO2 hydroge
nation into HAs is a relatively new research field, the knowledge around 
the reaction mechanism due to the complexity of reaction pathways, is 
yet at an early stage with the efforts of computational chemistry to be 

Table 1 
Reaction rate equations for CO2 methanation.

Catalyst T (oC) P (bar) H2/CO2 Rate equation Ref

Ni/SiO2 227–327 1.4 4

rCH4 =

(
K1K2K10k4k11

2

)0.5
L2PCO2

0.5PH2
0.5

[

1 +

(
2K2k4

K1K10k11

)0.5PCO2
0.5

PH2
0.5 +

(
K1K2K10k11

2k4

)0.5
PCO2

0.5PH2
0.5 +

PCO

K3

]2

[47]

Ni/MgAl2O4 300–575 3–15 −

rCH4 =

k1

p3.5
H2

(

p4
H2

pCO2 −
pCH2 p2

H2O

Keq, CO2 Meth.

)

(

1 + KCOpCO + KH2 pH2 + KCH4 pCH4 +
KH2OpH2O

pH2

)2

[48]

Ni/CeO2 200–500 − 4

rCH4 =

kPCO2 PH2
0.5

(

1 −
PCH4 PH2O

2

KeqPCO2 PH2
4

)

(
1 + KH2 PH2

0.5)
[

1 + KCO2 PCO2 + KH2OPH2O + KOH

(
PH2O

PH2
0.5

)]

[49]

Ni/Al2O3 315–430 1–6 1–16

rCH4 =

kPCO2
0.5PH2

0.5

(

1 −
PCH4 PH2O

2

KeqPCO2 PH2
4

)

[

1 +
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KCO2 PCO2

√
+

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2 PH2

√
+ KOH

(
PH2O

PH2
0.5

)]2

[50]

Dual-function Ru-Na2CO3/Al2O3 250–400 1 1
rCH4 = k

(

PCO2
nPH2

4n −
PCH4

nPH2O
2n

[
Keq(T)

]n

)
[51]

M/NiO-MgO (M=Co, Fe and Cu) 400 − 8

rCH4 =

PH2
0.5

(

1 +
1
k7

+
1
k8

)

⎛

⎜
⎜
⎝K3 −

PH2
0.5

2
(

1 +
1
k7

+
1
k8

)

k5

⎞

⎟
⎟
⎠

⎡

⎢
⎢
⎣1 + K1PCO2 +

⎛

⎜
⎜
⎝1 +

1

2
(

1 +
1
k7

+
1
k8

)

k4

⎞

⎟
⎟
⎠K3PH2

0.5

⎤

⎥
⎥
⎦

[52]
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significant [58]. Noble metal catalysts are great option for HAs synthesis 
and especially for ethanol production with strong C=O bond activation 
and C–C bond coupling. However, their high cost limits their applica
tion. Therefore, non-noble metals such as Cu- and Co-based with addi
tional alkali metals as promoters were found to convert CO2 to a 
satisfactory extent [48]. Table 2 summarises proposed reaction rates at 
different ranges of temperatures, pressures and H2 and CO2 ratios for 
MeOH and HAs alcohols.

Lim et al. [59], suggested a kinetic model for the CO2 hydrogenation 
into MeOH over Cu/ZnO/Al2O3/ZrO2 catalyst. A detailed kinetic 
mechanism including RWGS pathway through the CO and CO2 hydro
genation was considered. Between the proposed reaction rates, it is 
suggested that the rate determined steps were the methoxy species 
surface reaction for the CO hydrogenation, the formate intermediate 
HCO2 hydrogenation for the CO2 hydrogenation and the formation of a 
formate intermediate for the RWGS rection. It was found that the direct 
CO2 hydrogenation rate is much lower than the CO hydrogenation rate. 
Also, an investigation for the influence of CO2 on the reaction rates 
occurred showing that CO2 prevents the production of dimethyl ether 
(DME) from MeOH indirectly through the RWGS reaction.

Li et al. [60], using measured kinetic data developed two reaction 
kinetic models for the MeOH generation using a commercial Cu/ZnO/ 
Al2O3 catalyst. Considering a single-active site and a double-active site 
absorption Langmuir-Hinshelwood mechanisms, both models can 
describe the experimental results within a relative deviation smaller 
than 20 %. Moreover, it was found that the average sum of error of CO 
and CH3OH in the case of single-site model is higher than that of double- 
site model and hence the latest can predict the experimental results more 
accurately.

Similarly, Poto et al. [61], used kinetic models implementing single- 
site, dual-site and three-site adsorption mechanisms for the CO2 hy
drogenation into MeOH using Cu/CeO2/ZrO2 catalyst. Different tools 
were used for model discrimination to understand better the mechanism 
of the reaction and to identify which model describes better the exper
imental data. The formation of formate HCOO was found to be the 
limiting step. The dual-site model developed by Graaf et al. [65], was 
found to be the best performing kinetic model suggests that one of the O 

of CO2 is adsorbed on the O vacancies of CeO2-ZrO2 while H2 is adsorbed 
and dissociated on the metallic Cu. Through this mechanism the MeOH 
can be synthesised directly or through the CO pathway and the 
maximum deviation from the experimental results was around 2 % for 
both CO2 conversion and MeOH selectivity.

Calverley and Smith [64], developed a kinetic model that can suc
cessfully predict the HAs synthesis over a K2CO3-promoted Cu/ZnO/ 
Cr2O3 assuming that the rate determined step was the C–C bond for
mation between the two formyl intermediates, while previous models 
could not describe the observations from this study. On the other hand, 
the proposed model was found to be consistent with the results of several 
studies. Both CO and CO2 contribute to the MeOH production through 
their adsorption on different sites. Also, it was observed that CO, CO2 
and MeOH can directly converted into HAs.

2.1.3. Higher hydrocarbons
Under specific operating conditions and catalytic materials, CO2 

hydrogenation can contribute to the renewable sources intermittency by 
storing energy in fuels and chemicals such as liquefied petroleum gas 
(LPG), lower olefins, gasoline, aromatics etc. [66]. Long-chain hydro
carbons possess higher energy density being appropriate for a wide 
range of applications. The hydrogenation to hydrocarbons is proceeded 
through direct and indirect routes, and since the direct route makes the 
reaction kinetic limited it is not used [67]. The conversion of CO2 can be 
achieved indirectly through the MeOH route, in which CO2 is converted 
into MeOH (described by Eq. (4)), followed by the hydrogenation of 
MeOH to C2+ compounds including DME, gasoline and light olefins. The 
MeOH hydrogenation mechanisms to synthesise hydrocarbon products 
are described [68]: 

2CH3OH ⟷ CH3OCH3 + H2O                                                       (5)

nCH3OH + H2 ⟷ CH3(CH2)n-2CH3 + nH2O                                   (6)

nCH3OH + H2 ⟷ CH2=(CH2)n-3CH3 + nH2O                                 (7)

Another route for the formation of hydrocarbons from CO2 is the 
RWGS Fischer – Tropsch (FT) pathway, where CO2 forms long-chain 
hydrocarbons through the RWGS reaction (Eq. (2)) resulting CO and 

Table 2 
Reaction rate equations for CO2 hydrogenation to methanol.

Methanol synthesis

Catalyst T (oC) P (bar) H2/CO2 Rate equation Ref

Cu/ZnO/Al2O3/ZrO2 250 50 −

rMeOH− CO2 =

kMeOH− CO2 KCO2 ,s1KH2 ,s2

(

PCO2 PH2
3 −

PCH3OHPH2O

KCH3OH− CO2

)

PH2
2

DCH3OH− CO2

[59]

Cu/ZnO/Al2O3 200–300 20 −

rMeOH =

k1

(

P1.5
H2

pCO2 −
PCH3OHPH2O

Keq1P1.5
H2

)

(1 + Ka1 PCO2 + Ka2 PCO + Ka3 PCO2 PH2 )
(

1 + Kb1 P0.5
H2

+ Kb2 PH2O

)

[60]

Cu/CeO2/ZrO2 200–260 10–40 3–7 rMeOH =
k1bCO2 C

(1 + bCOPCO + bCO2 PCO2 )

(

P0.5
H2

+
bH2O
̅̅̅̅̅̅̅
bH2

√ PH2O

)
[61]

Cu/ZnO/Al2O3 180–280 1–51 −

rMeOH =

kMeOH− CO2 K2
ʹK3K4KH2OPCO2 PH2

[

1 −

(
1
K*

)(
PCH3OHPH2O

PCO2 PH2
3

)]

(

1 +

(
KH2O

K8K9KH2

)(
PH2O

PH2

)

+
̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2PH2

√
+ KH2OPH2O

)3

[62]

Cu/ZnO/Al2O3 

Cu/Al2O3 

Cu/SiO2

180–220 5 and 20 1
rMeOH = kPCO

aCOPH2O
aH2OPCO2

aCO2 PH2
aH2 Ptot

γ
(

1 −
PCO2 PH2

KgPCOPH2O

)
[63]

Cu/ZnO/Cr2O3 285 − −

rMeOH =

⎛

⎜
⎜
⎜
⎝

APCOPH2
3/2

(1 + BPM)
2 +

CPCO2 PH2
(

1 + D
PCO2

PCO

)2

⎞

⎟
⎟
⎟
⎠

×

(

1 −
PM

KeqPCO(PH2 )
2

)
[64]

Cu/ZnO/Cr2O3 285 − −

rHA =

⎛

⎜
⎜
⎝

PCOPH2
1/2

A + BPM
+ CPM(PH2 )

− 3/2
+

PCO2 (PH2 )
1/2

D + E
PCO2

PCO

⎞

⎟
⎟
⎠

2 [64]
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then via the FT synthesis the hydrocarbons are generated by the hy
drogenation of CO. Both pathways synthesise a plethora of products 
where the route is controlled by the catalytic properties and reaction 
conditions [69]. The first of the two steps of the mechanism includes the 
RWGS reaction as previously expressed by Eq. (2) and then the CO 
product reacts via FT mechanisms to synthesise the hydrocarbons [70]. 

CO + 2H2 ⟷ − (CH2)n- + H2O                                                      (8)

The silica-supported Ni and Ru catalysts do not favour the synthesis 
of long-chain hydrocarbons but CH4. Conversely, Fe- and Co-based 
catalysts are known for promoting the FT synthesis to generate C2+
hydrocarbons with further enrichment with promoters such as Cu, Mo 
and alkali metals [70]. Despite the wide spread of applications of Fe- 
based catalysts in the hydrogenation of CO2, they suffer from rapid 
physical and chemical deactivation affecting catalyst active sites [33].

Ghosh et al. [71], performed a kinetic analysis for the CO2 hydro
genation into hydrocarbons over an In2O3/HZSM-5 bifunctional cata
lyst. The catalyst was preheated at 400 ◦C which resulted to the 
formation of oxygen vacancies on the catalyst that were reduced after 
the hydrogenation reaction. The suggested kinetic model is an integra
tion of models and is following LHHW reaction mechanism for the 
generation of MeOH as an intermediate product over the In2O3 catalyst 
incorporated with a lump-type model for the transformation of MeOH to 
hydrocarbons over the HZSM-5 zeolite. Some of the reactions the model 
were MeOH synthesis, RWGS reaction, methanation reactions, C2-C4 
olefin production, C2-C4 paraffin production, oligomerisation reactions 
and cracking reactions. DME was not incorporated as an intermediate 
for the reaction from MeOH to hydrocarbons as it could not be possible 
to detect DME at the reactor outlet, assuming that the formed DME re
acts fast to form the hydrocarbons. It was found that the model could 
validate the experimental findings allowing a good prediction of the 
product distribution when pure CO2 and H2 were used as feeds [72].

A kinetic model considering the MeOH to CH4 and individual olefins 
such as ethylene, propylene and C4+ olefins over a SAPO-18 catalyst was 
proposed by Gayubo et al. [73]. For the development of the model 
theories considering the synthesis of intermediate active species that are 
trapped in the catalyst cages were made as well as taking into account 
the deactivation of the catalyst from zero time on stream due to the 
active intermediates inactivation. Also, the model was tested and found 
to be consistent with the obtained results from literature in order to 
understand the intermediate products nature and determine the oper
ating conditions effect on these intermediates.

Brubach et al. [74], investigated the kinetics considering the RWGS 
FT pathway over a Fe/K on γ-Al2O3 catalyst. The new proposed LHHW 
type model was obtained from previous elementary reaction steps 
studies. The reaction rates are based on the H-assisted CO2 and H- 
assisted CO dissociation mechanisms. Moreover, the product distribu
tion was modeled for up to C4 components which represent the average 
carbon number according to the molar product distribution obtained by 
the experimental results. However, the model is assumed to be able to 
consider secondary reactions of light products. In general, a good vali
dation was obtained between experimental and modelling findings with 
the calculated CO2 conversion deviation to be less than 5 %.

Pour et al. [75], developed a kinetic model for the FT synthesis re
action yielding hydrocarbons using CO as an intermediate product over 
an Fe/Cu/La/SiO2 catalyst. The reduction was obtained to take place in 
two stages, with the first stage to correspond to the reduction of α-FeO3 
and CuO to Fe3O4 and Cu, respectively, while the second stage includes 
the of Fe3O4 to α-Fe. The Cu introduction was suggested that contributes 
to the reduction of α-FeO3 to Fe3O4. The rate of the reaction relies on the 
feed components partial pressure and the operating temperature, and 
the equations follow LHHW and empirical power law form. A total of 16 
sets of experimental data occurred for the kinetic investigation. Only 
three of the several LHHW type rate equations that were developed 
based on possible reaction mechanisms were found to fit the 

experimental results (carbide, enolic and combined enol/carbide 
mechanisms), with the kinetic parameters to be evaluated using the 
experimental results combined with non-linear regression method to 
make a refined optimisation. The results demonstrated that the model 
developed based on the enolic mechanism showed better fitting for the 
experimental findings when compared to the other two proposed 
mechanisms.

In a recent work by Saeidi et al. [70], a mechanism considering the 
RWGS FT reaction was proposed with significant improvement in 
several predictions compared to previous kinetic models. Different re
action mechanisms were suggested regarding to various elementary 
reactions and carbon-chain distribution routes. It was considered that H2 
dissociative adsorption is followed by the reaction between a molecular 
of CO2 and adsorbed atomic H and was found to be the rate determined 
step. Thereafter, CO and hydroxyl intermediate are formed by the 
adsorbed oxygenated intermediate, which next forms molecular H2O. 
Between all the suggested mechanisms it was obtained that carbide and 
enolic contribution was significant in observed mechanisms.

2.2. H2 sources

2.2.1. Formic acid
As already mentioned, H2 is essential for performing the CO2 hy

drogenation reactions. H2-carrier molecules, which constitute a solution 
on H2 storage limitations, can be a result from the conversion of 
captured atmospheric CO2. The production of H2 from FA is an attractive 
approach for room temperature storage and release [76]. Since the 
process, proceeds slowly and with a low yield in the absence of a cata
lyst, lots of studies focused on the efficient FA catalytic decomposition 
[77]. When decomposed, it can follow two reaction routes: dehydro
genation (decarboxylation) and dehydration (decarbonylation) (Eqs. (9) 
and (10)) [78]. The former breaks FA into H2 and CO2 and the later to 
H2O and CO. The first reaction path is the reverse reaction process of the 
hydrogenation of CO2. Thus, by this cycle, H2 can be efficiently stored in 
FA [76]. 

HCOOH ⇌ CO2 + H2                                                                     (9)

HCOOH ⇌ CO + H2O                                                                  (10)

Since it is denoted as a promising H2 carrier, many studies focused on 
employing it in direct FA fuel cells (DFAFCs) as secondary fuel. How
ever, DFAFCs present significant limitations, while hydrogen fuel cells 
(HFCs) are a more better-established technology [79]. Therefore, using 
FA to selectively produce H2 in powering HFCs is a potential idea with a 
quick route to market. However, the decomposition of FA is not 
considered a green technology since energy discharge will lead to a 
notable mass release in the form of CO2.

Since there are two reaction routes involved, many studies investi
gated the mechanisms that are involved. Dehydrogenation is believed to 
undergo decomposition through the intermediates such as formate 
(HCOO) or carboxylate (COOH), produced from the activation of O–H or 
C–H bonds in FA [80], which is also considered the rate-determining 
step. As for dehydration, besides “formate mechanism”, it can also 
follow a different mechanism without the participation of formates [81]. 
The most common studied catalysts for FA decomposition are Pd- and 
Au-based since they were found to favour the H2 generation against the 
production of CO. Incorporating non-noble metals such as Ni and Cu 
were also found to promote the formate intermediate pathway, gener
ating H2 [78,82]. However, only a few conducted kinetic studies to 
determine the reaction rate that describes the reaction and most of these 
studies investigated the order-dependence on FA concentration, 
assuming a power-law model. The findings of the studies are summar
ised in Table 3.

Hinshelwood and Topley [83], examined the decomposition of FA 
vapour. Their experiments focused on the kinetics of the heterogeneous 
decomposition on rhodium, gold, palladium and titanium oxide 
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surfaces. Among the kinetic measurements, they concluded that the 
reaction rate follows first-order kinetics, making it unlikely for the 
decomposition of the formate species to be the rate-limiting step. Sol
ymosi and Erdӧhelyi [90], examined the decomposition of FA in 
rhodium-based catalysts with different support systems. In contrast with 
other monometallic catalytic systems, rhodium catalysts demonstrated a 
nearly first-order dependence on the concentration of FA as it was also 
observed by Hinshelwood and Topley [83].

In the late 1990 s, Yu and Savage [84], investigated the thermal 
decomposition of FA at a temperature range of 320 to 500 ◦C. The focus 
of the study was the reaction kinetics of the FA disappearance. By 
evaluating how the reaction rate is affected by the FA concentration, the 
global reaction order can be ascertained. Under hydrothermal condi
tions, the order of the reaction was found to be 0.94 ± 0.18, concluding 
that first-order kinetics appropriately describes the decomposition of 
FA, given that the reaction order is close to unity. More recent studies 
have also considered a first-order dependence [91].

Alloying Pd with other metals can lead to the improvement of cat
alytic performance by preventing CO deactivation and also reduce the 
quantity of high-cost Pd. Thus, a PdNiAg catalyst supported on carbon 
was synthesised by Yurderi et al. [85] and utilised for FA decomposition. 
Kinetic analysis was performed on the dependence on the concentrations 
of FA, catalyst and promoter of the reaction, in this case sodium formate. 
The results showed that the reaction rate is first-order towards the 
concentration of catalyst and half-order towards the promoter concen
tration. Regarding the reactant, at low concentrations of FA the rate is 
zero-order dependent and at high concentrations was found to be half- 
order.

Vapour phase FA decomposition on different catalytic systems was 
studied by Bulushev et al. [86]. The Pd/C catalyst exhibited the best 
performance among the catalysts tested at temperatures below 400 K. 
The rate of H2 production was calculated, at low conversion rates, as a 
function of FA concentration. A very low reaction order (0.14) was 
found, thus the reaction rate is independent on the FA concentration. 
Zero-dependence reaction kinetics was also observed by other mono
metallic catalysts, typically indicating that reactions are inhibited by 
steps that involve intermediates present at saturation coverages.

Sanchez et al. [87], examined the performance of a 5 wt% palladium 
on carbon catalyst for the FA decomposition at moderate conditions. 
After the catalyst exhibited a great selectivity (99.9 %) towards H2 at 
30 ◦C, studies were conducted for the preferable pathway that the 
decomposition follows. Based on their studies, the most plausible path is 
the formates formation, concluding that the H-atoms occurring after the 
formate decomposition recombine with the H-atoms generated after the 
dissolution of the O–H bond to yield H2. DFT calculations on Pd (111) 
supported also these findings, with an energy profile showing two 

different paths initiated by O–H (1) and C–H (2) dissociation. Pathway 1 
began with the adsorption of trans FA followed by splitting of the O–H 
bond. Pathway 2 was initiated with a reorientation from trans config
uration to cis (slightly more unstable than trans). HCOO was the pref
erable intermediate leading exclusively to CO2 and H2, supporting the 
experimental very low ppm level concentration of CO observed experi
mentally. Furthermore, knowing the amount of gas generated, the re
action order was calculated (n = 0.2) by plotting the rate against the FA 
concentration and fitting the data to a power-law model equation.

A study by Ojeda and Iglesia et al. [88], investigated the dehydro
genation of FA in Au- and Pt-based catalysts. Under their experimental 
conditions the only products were H2 and CO2 indicating that dehy
dration towards CO and H2O and water gas shift (WGS) do not occur. On 
Au/Al2O3 catalyst the dehydrogenation rate was independent of the FA 
pressure and on the Pt/Al2O3 catalyst the rate initially increased with 
the FA pressure and then remained constant. Two mechanisms were 
derived. In the first mechanism (A1), FA decomposes forming formate 
and H2 and then the formate dissociates into CO2 and H2, while in the 
second mechanism (A2), the produced formate decomposes in CO2 and 
H2 that needs to be recombined with another H2 to form H2. The two 
proposed reaction rates for each mechanism are presented in Table 3, 
and it is evident that they are dependent on FA pressure that is present in 
both the numerator and denominator. In the A1 mechanism the FA 
decomposition, occurs reversibly and thus, the kinetic constant is sym
bolised as K1(k1/k− 1).

The kinetics of FA decomposition were studied by Winkler et al. [89], 
in a lab-scale fixed bed reactor using Pd nanoparticles supported on 
active carbon. The main products of the reaction were H2 and CO2, with 
very little CO and H2O present. Three kinetic models were used to 
explain the experimental findings: first order, simple-adsorption and 
adsorption-dissociation models. Their results exhibited that the first- 
order model had the lowest degree of explanation, since it neglects FA 
adsorption and it does not incorporate the reaction mechanism. The 
simple-adsorption mechanism considers that FA adsorbs rapidly on the 
active site and then the products are directly formed and released, while 
the adsorption-dissociation model is an extension of the simple- 
adsorption mechanism where the products are formed through in
termediates. The reaction rates of these two models described better and 
reproduced similarly the experimental data.

2.2.2. Hydrous hydrazine
Hydrazine (N2H4) is a carbon-free molecule with a high H2 content of 

12.5 % [92]. Initially, the decomposition of hydrazine was a part of the 
photochemically decomposition of NH3 [93] where hydrazine resulted 
as an intermediate. Since the reaction gained interest, it was also ther
mally decomposed where only NH3 and nitrogen (N2) were the main 

Table 3 
Reaction rate equations for H2 production from formic acid decomposition.

Catalyst T (oC) P (bar) FA conversion (%) Rate equation Ref

Rh, Au, Pd, TiO2 140–200 2.03 − rHCOOH = k× C1.00
HCOOH [83]

− 360 253.31 61 rHCOOH = k× C0.94±0.18
HCOOH [84]

Pd0.58Ni0.18Ag0.24/C 50 − 100 rHCOOH = k× C0/0.5
HCOOH × C1

catalyst × C0.5
promoter

[85]

10 wt% Pd/C 85 − 95–99 rHCOOH = k× C0.14
HCOOH [86]

5 wt% Pd/C 30 − 99.9 % rHCOOH = k× C0.2
HCOOH [87]

Au/Al2O3, Pt/Al2O3 80 − −
rHCOOH =

KA1
1 kA1

2 PHCOOH
[
1 + 2

(
KA1

1 PHCOOH
0.5) ]2

[88]

Au/Al2O3, Pt/Al2O3 80 − −
rHCOOH =

kA2
1 PHCOOH

⎡

⎣1 +
kA2

1
kA2

2
PHCOOH +

(
2kA2

1
kA2

3

)0.5

PHCOOH
0.5

⎤

⎦

2
[88]

1 wt% Pd/C 175 1.01 71 rHCOOH = k× C1.00
HCOOH [89]

1 wt% Pd/C 175 1.01 71 rHCOOH =
k × CHCOOH

1 + KadsCHCOOH

[89]

1 wt% Pd/C 175 1.01 71 rHCOOH =
k × CHCOOH

(1 + KadsCHCOOH)
2

[89]
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products under these conditions (Eq. (11)). From later studies [94,95] 
that thermally decomposed hydrazine, H2 was also obtained based on 
the reaction below (Eq. (12)). 

3N2H4 → N2 + 4NH3                                                                   (11)

2N2H4 → H2 + N2 + NH3                                                             (12)

Adams and Stocks [96], experimented with the combustion of hy
drazine and discovered that at lower temperatures hydrazine de
composes following Eq. (13) instead of Eq. (12). Thus, when 
decomposed at lower temperatures, it follows two paths, its complete 
dehydrogenation where N2 and H2 are produced (Eq. (13)) and its 
incomplete dehydrogenation where N2 and NH3 are generated as shown 
in Eq. (11). 

N2H4 → 2H2 + N2                                                                        (13)

Even though it is considered a great H2 carrier it is extremely flam
mable and dangerous unless handled in solutions e.g. hydrous hydrazine 
(N2H4⋅H2O, HH). HH has a H2 content of 7.9 % and is safer to use than 
the anhydrous form [97]. Even though hydrazine hydrate decomposi
tion is known from the 1950 s, the last two decades has gained interest in 
the science community. The reaction route is determined by the 
sequence of N–N bond and N–H bond cleavage. The N–N bond cleavage 
leads to the production of N2 and NH3, while the N–H bond breakage 
gives N2 and H2 [98]. Metals such as Rh, Ir, Ru and Ni are the most 
efficient candidates for N–H bond activation, exhibiting high activity at 
ambient conditions, however, with low H2 selectivity over Ru and Ir 
catalysts [99,100]. Due to the complexity of the reaction mechanism, 
different kinetics were proposed with the plethora following a Power- 
law model (Table 4).

In 1956, one of the first studies on the thermal decomposition of 
anhydrous hydrazine kinetics was conducted by Smith and Solomon 
[101]. The first experiment was carried out using an iridium wire as a 
catalyst and the second with an iridium catalyst supported on alumina. 
Hydrazine was injected in the flow reactor at standard conditions. Since 
iridium wire is non-porous, the proposed reaction rate was calculated 
using the transport-controlled reaction rate theory, considering the hy
drazine concentration in the bulk 

(
Cg
)

and at the surface of the catalyst 
(Cs). Their experimental results were fitted to a graph with a slope of 
1.41, which is the order value with respect to hydrazine. For the alumina 
supported catalyst, a different reaction rate was obtained with a reaction 
order of 1.32 with respect to hydrazine.

A study by Dai et al. [102], used a bimetallic Ni-Pt-based catalyst for 
the decomposition of HH as these catalysts were found to have high 
surface areas, narrow pore size distributions, and great catalytic prop
erties for H2 generation from HH. TEM revealed an average particle size 
of 2.4 nm and XPS studies showed that O 1 s spectra corresponded to the 
O species in the lattice oxygen of metal oxides and the minor hydroxyl 
group, which may promote the breakage of the N–H bonds. Based on 
their experimental observations, they proposed a power-law reaction 
model to describe the reaction rate, depending on the concentration of 
the hydrazine solution, catalyst and NaOH. At the beginning of the re
action rate where high HH concentrations prevailed, they suggested that 

the reaction follows near-zero-order kinetics and afterwards at low HH 
concentrations, follows fraction-order kinetics. A similar trend was 
observed for the concentration of NaOH, since at high concentrations 
there is a near-zero-order dependence, while at lower concentrations 
there is a fraction of 0.57-order dependence. In relation to the catalyst 
amount the decomposition proceeds with first-order kinetics.

Mono-, bi- and trimetallic catalysts were developed by Al-Thubaiti 
and Khan [103], for the investigation of the reaction mechanism of 
HH decomposition. While all the monometallic catalysts did not exhibit 
any reactivity towards this process, the bi- and tri-metallic catalysts 
were active for this reaction with the Ni/Fe/Pd catalyst achieving the 
best performance. The durability of Ni/Fe/Pd was also evaluated by 
cycling experiments, where the catalytic activity remained unchanged 
even after five consecutive kinetic experiments. The great properties of 
Ni/Fe/Pd could be ascribed due to the synergistic effect of three metals 
and thus was used for further studies. From the obtained rate-law it is 
evident that the decomposition reaction has complex kinetics, involving 
hydrazine, catalyst and hydroxyl concentrations. The complexity mainly 
derives from the presence of OH– ions, either from hydrazine or the 
sodium hydroxide solution that promotes the reaction. The reaction 
order can vary based on the reactants concentration and the nature of 
the catalyst. When the catalyst surface is saturated with hydrazine the 
rate is a zero-order reaction and when at low hydrazine concentrations it 
follows first-order kinetics, as it was observed under their experimental 
conditions that the authors used. Thus, they concluded that depending 
on the experimental conditions it follows complex order kinetics.

Lastly, Bercic and Likozar [104], after a literature review of 23 ar
ticles, proposed a power-law model to describe the reaction rate for HH 
decomposition. Since batch systems are mostly used, a simple reaction 
rate for batch system can be used depending on the concentrations of HH 
and catalyst. Depending on the catalyst used, the order dependence for 
HH varied from 0 to 0.644, with an average value of 0.33. Studies that 
have investigated the value of order dependence for the catalyst amount 
found a range of 0.87–1.09, agreeing with the studies above that 
regarding the catalyst, the rate follows first-order kinetics, which is 
reasonable since it is expected from a catalyst to influence the activity 
and yield of reaction.

2.2.3. Ammonia
Another substitute for H2 carrier is NH3. Claude Luis Bertholett 

[105], was one of the first to decompose NH3 discovering that 1 vol of 
NH3 can generate 2.046 volumes of a mixture containing 1.545 volumes 
and 0.501 of H2 and N2 respectively, calculating that NH3 contains 
81.13 % N2 and 18.87 % H2, which correspond to modern values of 
82.83 % and 17.76 %. Although NH3 has an exciting potential to 
contribute to green energy generation, there are still many unanswered 
questions regarding its sustainability due to its production though the 
Harber-Bosch process, utilising fossil fuels as the main source [106]. 
Thus, diverse methods need to be used such as electrocatalytic/photo
catalytic/biocatalytic NH3 synthesis [107].

In the early 1880 s, Ramsay and Young [108], conducted the first 
studies on the temperature at which NH3 decomposes and later studies 
from Perman and Atkinson [109] investigated temperature and pressure 
effects on the decomposition rate. The decomposition of NH3 is 

Table 4 
Reaction rate equations for H2 production from hydrous hydrazine decomposition.

Catalyst T (oC) Pressure (bar) H2 selectivity/Yield (%) Rate equation Ref

Ir wire 320–427 0.001 − rN2H4 = 6.81× 108e−
2939±1079

T C1.41±0.44
s

[101]

Ir/Al2O3 77–177 0.001 − rN2H4 = 3.00× 102c1.32±0.95
s [101]

Ni60Pt40/CeO2 30 − 100 rN2H4 .H2O = kC0.52/0.043
N2H4 .H2O C0.57/0

NaOH C1.03
catalyst

[102]

Ni/Fe/Pd 40 − 100
rN2H4 .H2O =

k1KadsCOH− Ccatalyst(CN2H4 .H2O)T

1 +
Kb

COH−

+ Kads(CN2H4 .H2O)T

[103]

− − − − rN2H4 .H2O = kC0/0.644
N2H4 .H2OC0.87/1.09

catalyst
[104]
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represented by Eq. (14) as shown below. 

NH3 ↔
1
2
N2 +

3
2
H2 (14) 

NH3 decomposition has been studied extensively over the years and Ru 
was found as the most active single-metal catalyst, showing the highest 
activity due to its optimal metal–nitrogen binding energy, while other 
noble metals such as Rh, Ir, and Pd and non-noble metals like Ni, Cu and 
Fe, have also been investigated [17]. Many mechanisms have been 
established, however, there is an uncertainty regarding the limiting step 
and the most abundant reactive intermediate. Several kinetic models 
have been proposed for its decomposition reaction using power-law 
model and Langmuir Hinshelwood models. Temkin-Pyzhev models 
were also proposed. Table 5 sums up the proposed reaction rate models.

The Temkin − Pyzhev model is usually utilised to describe the re
action rate for NH3 synthesis. However, many studies use this kinetic 
model to describe its decomposition [110]. This model considers that 
the desorption rate of the chemisorbed N2 is the rate-determined step 
and that the inverse reaction of NH3 synthesis can be neglected. As can 
be seen in Table 5, the reaction rate is now dependent from the partial 
pressures of NH3, H2 and N2. The constant β depends on the catalyst 
characteristics and a range of values has been proposed so far. This re
action model has also been used by many studies throughout the years 
[117,118,119,120,121,122]. The second term of the reaction signifies 
the contribution of the inverse reaction [111]. However, the value of this 
term is virtually zero and therefore can be neglected and the overall rate 
can be rewritten as a power-law model [111], as can be seen in Table 5, 
where a and β are the orders for NH3 and H2 respectively [123,124].

Tamaru et al. [112], investigated NH3 decomposition on tungsten 
surface and transition metals. Based on their experimental data, they 
concluded that the “tungsten-type” mechanism occurs at higher tem
peratures and lower H2 pressures, where no dependency on H2 pressure 
is observed, while the Temkin-Pyzhev model prevails at lower temper
atures and higher H2 pressures. As a result, at lower NH3 pressures the 
reaction is first order, whereas at higher NH3 pressures is zero-order. 
Thus, the transition temperature was investigated, and it was found 
that a change in the mechanism is responsible for this kinetic behaviour. 
At high temperatures, the cleavage of N–H bond of the adsorbed NH3 is 
the rate-determining step while at low temperatures the rate-limiting 
step is the recombinative desorption of N-adsorbed species. The 
simplicity of this model led other authors to use it still today as called 
Tamaru model [125,126,127,128,129]. The constant m is the reaction 
order where 0 ≤ m ≤ 1.

The Langmuir-Hinshelwood mechanism is often utilised to describe 

the catalytic NH3 decomposition reaction rate. In this case, the rate 
depends on the partial pressure of NH3 and is limited by the hydroge
nation of the chemisorbed N2 in contrast with the Temkin-Pyzhev 
model. Papapolymerou and Schmidt [113] investigated this reaction 
decomposition on different precious metals (Pt, Rh). Based on their 
experimental data, they proposed a simple Langmuir-Hinshelwood ki
netic model. As seen from Table 5, the reaction product is also taken into 
account (symbolised with the subscript B). The exponent m can have a 
value of 0.5 for possible dissociative adsorption or other forms of inhi
bition. Inhibition was much stronger on Pt than on Rh. However, in a 
simple non-dissociative situation the value of m is equal to 1.

Another study by and Papapolymerou and Bontozoglou [114], 
examined NH3 decomposition on polycrystalline wires and foils of Pd 
and Ir and was compared with the previous study. The reaction rate was 
reproduced by many of the tested wires and foils in a pressure range of 
10− 3 and 1 Torr at high temperatures (500–1900 K). The Ir catalyst 
exhibited the best performance among all four precious metals. The 
reaction rate is only depended by the reactant and based on their find
ings, they suggested that the rate becomes pressure-independent at low 
temperatures, while at higher temperatures the rate is first-order. Sur
face morphology studies showed that Pd and Ir wires altered during 
reaction, however this change affected reaction kinetics only as an area 
change, since neither the heats of adsorption nor the activation energies 
appeared to change.

Itoh et al. [115], examined the thermodynamic and kinetic analysis 
of NH3 decomposition over a supported Ru catalyst at low temperatures 
in a membrane reactor. Ru is known as a highly active catalyst and its 
characterisation showed that the catalyst had a large surface area of 109 
m2/g, where the Ru particles were well dispersed. Seven reaction rate 
models based on Langmuir-Hinshelwood kinetic models were proposed 
each one based on a different limiting step (adsorption, surface reaction 
and desorption processes). The best fitting model for the experimental 
results was a desorption-based model where the N-atom was the domi
nant adsorption specie, and the combinative desorption of N-atoms was 
the rate-determined step. As it can be seen from Table 5, the reaction 
rate depends on the partial pressure of both reactant and products. The 
term Kp denotes the equilibrium constant of pressure.

Main objective of a work conducted by Armenise et al. [116], was the 
development of mechanistically based kinetic models capable of fore
seeing the performance of integral reactors, where nearly full NH3 
conversion and high H2 concentration at the reactor’s exit are crucial. 
All their proposed kinetic models were based on the Langmuir isotherm, 
and it was assumed that all the adsorbed species are kinetically relevant, 
all steps, including slow steps, are partially reversible and that the 

Table 5 
Reaction rate equations for H2 production from ammonia decomposition.

Catalyst T (oC) Pressure (bar) NH3 Conversion 
(%)

Rate equation Ref

Fe − − −

rNH3 = k

⎡

⎣

(
P2

NH3

P3
H2

)β

−
PN2

K2
eq

(
P3

H2

P2
NH3

)1− β
⎤

⎦
[110]

Ru/Al/M 300–700 − 100 (627 ◦C) rNH3 = ḱ Pa
NH3

Pβ
H2

[111]

Tungsten 
surface

370–550 − − rNH3 = k
PNH3

(1 + KadsPNH3 )
= ḱ Pm

NH3

[112]

Rh,Pt 327–1527 1.3 × 10− 5- 
0.004

<10 rNH3 =
kKadsPNH3

(1 + KadsPNH3 + Km
B,adsP

m
B )

[113]

Pd, Ir (foil/ 
wire)

227–1627 1.3 × 10− 5- 
0.001

5–15 rNH3 =
kKadsPNH3

(1 + KadsPNH3 )

[114]

Ru/SiO2 350–450 1–2 >90
rNH3 =

kF

(
P2

NH3
− P3

H2
PN2 /Kp

)

(
P1.5

H2
+

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

KadsP2
NH3

√ )2

[115]

Ni/Al2O3/ 
monolith

300–700 1.01 60–99.5 rNH3 =

kAK2
NH3

P2
NH3

(

K1.5
H2

P1.5
H2

(
1 +

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2 PH2

√ )
+ KNH3 PNH3

(

1 +

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2 PH2

√

K3

(

1 +

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2 PH2

√

K2

(

1 +

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2 PH2

√

K1

))))2

[116]
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surface is considered ideal. Three different cases were developed based 
on controlling steps and MARI and when fitted with their experimental 
data it was found that the recombinative desorption of adsorbed N- 
atoms is the determining step, thus the best model selected was Case A, 
even though Case A assumed that all species are kinetically relevant. The 
terms K1 K2 K3, KNH3 and KH2 are equilibrium constants. Variations of 
Case A (Case A1 and Case A2) were also capable to predict results of the 
Temkin-Pyzhev kinetic model which assumes a non-ideal surface.

2.2.4. Ammonia borane
Ammonia borane (AB; NH3BH3) has recently gained interest as a 

novel H2 storage material with 19.6 wt% H2 capacity of It is a very 
simple molecule to handle due to its solubility in polar solvents and 
stability [130]. Pyrolysis and solvolysis are the two primary processes 
for its decomposition. Solvolysis is far more promising than pyrolysis 
since it can release a significant amount of H2 in milder conditions. 
Solvolysis can be classified to alcoholysis where MeOH is typically 
added, and hydrolysis where a metal catalyst or an acid is present at 
ambient temperatures [130].

Both homogeneous and heterogeneous catalytic systems were stud
ied so far, suggesting that there is a wide range of available catalysts 
enabling its efficient decomposition towards H2. Pt, Ru, and Rh are the 
main noble metal elements, which exhibit excellent performance in 
catalytic hydrolysis to produce H2, due to the activation of the breaking 
of B-H bond [131], while Co and Cu are also good and cheaper candi
dates. Different studies conducted on the catalytic hydrolysis of AB 
found that one mole of AB can generate three moles of H2 at room 
temperature [132,133,134]. The hydrolysis of AB is described by 
Eqs.15–16, depending on the pH of the reaction while the general hy
drolysis reaction is shown in Eq. (17). 

NH3BH3 + 3H2O ↔ NH3 + B(OH)3 + 3H2                                    (15)

NH3BH3 + 4H2O ↔ NH4
+ + B(OH)4

− + 3H2                                   (16)

NH3BH3 + 2H2O ↔ NH4+ + BO2- + 3H2                                   (17)

Even though, it is considered a great H2 carrier, its reaction is 
complicated. Studies showed that half of the H2 produced occurs from 
the water while the other half from the BH3 group [135]. However, the 
dehydrogenation of the NH3 moiety is very endothermic thus, it is 
thermodynamically unfavourable, limiting the effective gravimetric H2 
storage capacity. Usually, a Langmuir-Hinshelwood model is used to 
describe the mechanism of AB decomposition, validated by different 
catalytic systems (Table 6), assuming that the reaction among the 
adsorbed water and borane is the rate determining step. However, lot of 
mechanistic details including the rate-determining step, remain unclear.

Figen et al. [136], examined the synthesis and hydrolysis of AB for H2 
generation. After successfully synthesising AB of 98 % purity, they 
proceeded with the kinetic experiments using a Co-B catalyst. Zero-, 
first-order and Langmuir-Hinshelwood kinetic models were utilised to 
evaluate the kinetic behaviour of the AB decomposition. Their outcomes 
demonstrated that a zero-order kinetic model is recommended for 

temperatures above 60 ◦C, while first-order and Langmuir-Hinshelwood 
can be used for lower reaction temperatures. The former is recom
mended for temperatures below 40 ◦C and the later for temperatures up 
to 60 ◦C.

A study carried out by Basu et al. [137], investigated the hydrolysis 
of AB, catalysed by a commercial Ru catalyst supported on cylindrical 
carbon pellets (2 mm in diameter), since this form of supported Ru 
catalyst was found to be more efficient than other forms, such as Ru on 
alumina pellets, and Ru on carbon granules. Between 16 and 55 ◦C, the 
hydrolysis showed reaction orders less than unity. The results were 
interpreted using a Langmuir-Hinshelwood kinetic model, followed by a 
study conducted by Zhang et al [143]. The Langmuir-Hinshelwood 
model was adopted taking into account two important steps: the AB 
molecules adsorption on the catalytic surface and the reaction of the 
adsorbed molecules for the formation of H2. As is evident from the re
action rate, if the term KadsCNH3BH3 is greater than 1, is a zero-order re
action and if less than 1 is a first-order reaction. Also, in the early stages 
of the reaction, when the term KadsCNH3BH3 is significantly larger than 1, 
the reaction rate is proportional to the mass of catalyst (mcat) and 
inversely proportional to the volume of the solution (Vsol).

A work by Chen et al. [138], proposed a bimolecular Langmuir- 
Hinshelwood model for the decomposition of AB on a Pt/CNT catalyst 
since, CNT provide Pt catalysts with an effective electron transfer system 
toward significantly enhanced H2 generation rate. Based on their 
experimental results, the reaction between the adsorbed NH3BH2* and 
H2O* is the rate-limiting step. The authors also assumed that the 
adsorbed species of H*, H2O* and NH3BH2* are the dominating surface 
species. Based on the above, the reaction rate expression is depended on 
the concentrations of H2O and AB, the Arrhenius constant (k), reaction 
equilibrium of step 7 (K7) which is the reversible reaction of AB with two 
active sites, H2O adsorption equilibrium constant (KH2O), H2 dissociation 
constant (KH2 ) and on the partial pressure of H2 (PH2 ).

When AB undergoes through solid state decomposition then the 
Avrami-Erofeev kinetic model is used [139,140,141,142] where the 
progress of the reaction is expressed by the term a as shown in Table 6. 
The term a represents the progress of the reaction and is estimated by the 
difference of the initial mass and mass at a specific time t divided by the 
difference of the initial and the final mass of the reactant. The constant n 
can have values of 2, 3 or 4 depending on the growth phenomena. Many 
studies are based on the Avrami-Erofeev equation by taking into 
consideration different reaction intermediates that occur during the 
solid-state of AB decomposition, such as B-cyclodiborazanyl amine 
borane (BCDB), B-cyclotriborazanyl amine borane (BCTB) cyclo
triborazane (CTB) and diammoniate of diborane (DADB).

The kinetic model selection is significant on the model development 
phase since it describes the evolution of the reaction, and it must be 
chosen based on the characteristics of catalyst material and the condi
tions of the reaction. Without appropriate kinetic parameters, such as 
kinetic constants, adsorption constants and reaction orders, the model 
may fail to accurately predict conversion rates. The reaction rates along 
with the governing equations contribute to the solution of the problem. 
The section below describes in detail the different simulation models 

Table 6 
Reaction rate equations for H2 production from ammonia borane decomposition.

Catalyst T (oC) Pressure (bar) H2 generation rate (ml min− 1gcat
− 1) Rate equation Ref

Co-B 22–80 − 71.72–5474.80 rNH3BH3 = k [136]
Co-B 22–80 − 71.72–5474.80 rNH3BH3 = kCNH3BH3 [136]
Co-B 22–80 − 71.72–5474.80 rNH3BH3 =

KadsCNH3BH3

1 + KadsCNH3BH3

[136]

3 wt% Ru/C 16–55 − 843 (25◦C) 
8327 (55◦C)

rNH3BH3 =
mcat

Vsol
k

KadsCNH3BH3

1 + KadsCNH3BH3

[137]

Pt/CNT 20–50 − −
rNH3BH3 =

kK7KH2OCH2OCNH3BH3 /
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2 PH2

√

(
KH2OCH2O + 1 + K7CNH3BH3 /

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2 PH2

√ )2

[138]

− − − −
[ − ln(1 − a) ]

1
n = kt [139,140,141,142]

E. Harkou et al.                                                                                                                                                                                                                                 Fuel 404 (2026) 136401 

10 



focusing mainly on the development of CFD models presenting the mass 
and heat balance equations of different systems.

3. Development of simulation models

Computer simulation is a functional tool that can represent a 
plethora of operating systems to analyse and understand different key 
parameters under various assumptions and scenarios [144]. Moreover, it 
contributes to solve problems and in decision making situations with 
solely concern to be the preciseness of the model. The absolute model 
validation is costly and time consuming and the amount of accuracy is 
specified prior to the development [145]. Simulation models in chemical 
reaction engineering (CRE) field are mainly used to solve differential 
equations considering fluid flow, diffusion, mass and heat transfer 
phenomena, reactions etc [146]. However, choosing the most proper 
software in order to compute the mathematical model is critical [147]. 
Also, it remains a challenge the model development of industrial scale 
systems due to the complex phenomena occurring which require an 
important amount of data and more advanced technologies and mea
surement techniques that might not be available. Thus, the popularity of 
compartmental method has raised in recent years with main focus on 
industrial applications and phenomena [148]. Especially, the hand 
calculation of such industrial complex problems that include many 
thousands of equations is impossible, and simulation models are of great 
value across the spectrum of engineering. Thus, CFD simulation models 
have gained the interest of the scientific world, and their popularity has 
risen within the recent years. They are showing superior capabilities on 
the design, validation and optimisation of chemical processes with 
different approach [149]. Many efforts have been put to overcome 
challenges such as the high accuracy especially in multiphase flow 
systems which is discussed further down in the review.

3.1. CFD simulation models

In the CRE field, the prediction of fluid flow behaviour and reaction 
and reactor performance are considered as privilege. CFD can resolve 
different fundamental equations together with conservation equations 
to offer a solution on various challenges. The past 15–20 years it has 
been noted an augmentation in the utilisation of CFD modelling to 
describe several problems as well as the publication of CFD works. The 
model might not only include chemical processes but also mixing, sep
aration, drying processes that might incorporate except the species and 
energy balances, equations on electric or magnetic fields and radiation 
flux for the solution of microkinetic models, multiphase models, popu
lation balance models, and thermal and electrochemical models [150]. 
Additionally, the CRE field plays a vital role on the design and scale-up 
of the chemical reaction processes. The ability of CFD simulation models 
to provide insights of the design and the scalability of a system results to 
less time-consuming and cost-effective procedures in contrast to the 
actual experimental procedure with expenses of consumables and 
equipment. Rodriguez and Amores [151], stated that the simultaneous 
analysis of various phenomena occurring withing the system in a 
plethora of conditions consist the CFD tools dominant and at the same 
time inexpensive appropriate for novel investigations and predictions 
and for optimisation purposes. The continuous development of models 
contributed to the enhancement and improvement of the computational 
tools being able to demonstrate in more detail complex problems of 
multiphase and multiscale systems incorporating multiphysics phe
nomena with in depth investigation of microkinetics [152]. Some of the 
most known commercial CFD software are the ANSYS Fluent, CFX and 
COMSOL Multiphysics being very easy and convenient to use [153].

In order to solve the defined equations in space and time a numerical 
method should be selected. Many numerical analysis methods exist that 
convert the differential equations which are continuous functions in a 
set of algebraic equations at discrete counterparts, whereas this process 
is also known as discretisation [154]. There are many discretisation 

methods, but currently the main ones used in CFD models are the finite 
element method (FEM) and finite volume method (FVM) [155]. The first 
one divides the solution region into smaller domain-elements based on a 
piecewise approximation of the solution. This approach has the ability to 
formulate solutions of each element before assembling all the elements 
together to describe the problem [156]. In the FVM there is not any 
transfer between the physical and computational coordinate system as 
the discretisation takes place in the physical space. Moreover, it is 
considered more suitable to solve flow problems in more complex ge
ometries having a wide range of applications while its mathematical 
formula remains simple [157]. It is based on the integration form of 
partial differential equations (PDEs) to be solved. Every geometry is 
discretised into finite volumes whereas the governing equations are 
solved for each volume [155].The ANSYS program is developing and 
analysing systems using FEM for structural, thermal mechanical, CFD, 
electromagnetics and other applications. The linear systems solution 
consists of the most significant step for most of models. Moreover, it has 
the capability to include direct, pre- and post- frontal solver including 
linear static analysis, multiple non-linear analysis, modal analysis and 
other types of analysis [158]. Similarly to the ANSYS program, COMSOL 
Multiphysics is another FEM and PDE tool finding application in many 
areas including chemical engineering, AC/DC, acoustics, heat transfer, 
earth science, structural mechanics etc., with its library consisting a 
plethora of materials [159].

One of the major concerns, as indicated in the beginning of this 
section, is the validity of the model and the assurance of the quality of 
the obtained results. However, rather than finding the reasons that cause 
the inaccuracy, it is suggested to handle the numerical errors and control 
them [160] and especially investigate the relation between the error and 
the mesh. The computational mesh divides the geometry domain into a 
set of discrete cells with the points to be called grid nodes and are 
located at the edges of the cells or in the centre of the cell [161]. The 
mesh generation is also called as grid generation and many of the 
existing commercial CFD tools have built-in mesh generators and inde
pendent grid generation packages. Mainly the mesh cells are hexahedral, 
tetrahedral, square pyramids or polyhedral [162].

Another important factor to solve the PDEs is to define the boundary 
conditions (BC) of the model [163]. The most typical BC often used are 
the no-slip BC, axisymmetric BC, inlet–outlet BC and periodic BC and are 
applied with main aim to direct the motion of the flow [161]. For 
macroscopic flow problems it is widely used the no-slip BC at the sol
id–liquid interface. However, at micro- or nanoscale fluid transport 
problems the liquid spillage on solid surfaces might be performed as 
downsizing can affect many parameters such as surface to volume ratio, 
solid–liquid interface properties etc [164]. Maxwell proposed a velocity 
slip BC for rarefied gas flows at solid surfaces with the BC being able to 
predict if a rarefied gas could slide over a surface and what variations in 
temperatures could enhance the force that makes the gas flow slide over 
a surface from colder to hotter regions, known as thermal creep [165].

3.2. Equations

A plethora of models has been developed according to the formation 
of gas and liquid fuels from CO2 capture and utilisation as well as from 
other feedstocks resulting pure H2. The following section summarises 
the most used modelling equations for different configuration processes. 
The governing equations along with the kinetic rates and BC are solved 
using the different softwares to obtain the solution of the designed 
model. To start with, for a batch reactor configuration, mostly used in 
lab-scale investigations, it is assumed that is a perfectly mixed system 
with constant volume where there is no inflow or outflow from the 
reactor. Moreover, in gas phase the reactants are regarded to be ideal 
and in liquid phase are considered to be incompressible and ideal. The 
development of such simple model is performed in 0D with the mass 
balance equation of species, i, to be expressed as: 
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dci

dt
= Ri (18) 

where, ci is the concentration of species, i, and Ri displays the sum of the 
contribution of each reaction to the reaction rate. The energy balance for 
the batch configuration is described as: 

Vr

∑

i
ciCp,i

dT
dt

= Q+Qext +Vr
dp
dt

(19) 

where, Vr is the volume of the reactor, Cp,i is the components molar heat 
capacity and T and p the temperature and pressure, respectively. Q de
notes the heat due to the chemical reaction and Qext is the external heat.

Continuous flow systems exist also in literature with the most pop
ular configuration to be the packed bed reactor. The CFD model 
generally consist of many assumptions especially for more complex 
systems as the continuous flow with some of them being the application 
of steady or un-steady state, isothermal or non-isothermal conditions, 
plug or laminar flow, ideal gas behaviour, constant physical properties 
and transport coefficients and no-slip conditions [14]. 2D or 3D con
figurations are designed for a packed bed reactor with the mass balance 
equation, in steady state, of the species inside the packed bed area to be 
given as: 

ux
δci

δx
= Di,A

δ2ci

δx2 +Di,T
δ2ci

δy2 − JiSb (20) 

where, Di is the axial dispersion coefficient in the axial and transverse 
directions, Ji is the molar flux of fluid in the catalyst and Sb the surface- 
active specific area of the catalyst. The mass balance equation in un
steady state for the species inside the packed bed reactor is transformed 
as: 

∂ci

∂t
+∇•JiSb + u • ∇ci = R (21) 

For heterogeneous chemical reactions that are conducted on the surface 
or within a catalyst particle it is important to consider the mass balance 
equation of the species inside the catalyst. The mass balance can be 
described across the particle shell at rdim with a predefined 1D extra 
dimension on the normalised radius of the catalyst particle, where r =
rdim/rpe. 

4πN
{

r2rpe
2εpe

∂cpe,i

∂t
+∇ •

(
− r2Di,eff∇cpe,i

)
= r2rpe

2Rpe

}

(22) 

where, N is the number of pellets per unit volume, Di,eff is the effective 
diffusion coefficient and Rpe is the reaction rate term per unit volume of 
the catalyst particle.

To define the hydrodynamics of the reactor system Navier-Stokes 
equation is used combined with the continuity equation to demon
strate the conservation of mass and momentum, expressed as: 

ρi

(
∂u
∂t

+ u • ∇u
)

= ∇ • [ − PI+ τ] + F (23) 

∂ρi

∂t
+∇ • (ρiu) = 0 (24) 

where, P is the pressure, τ is the viscous stess tensor and F is the volume 
force vector.

In addition, investigations occurred in coated wall reactors not only 
for the CO2 methanation but also for the methanol steam reforming 
(MSR) for H2 production [166,167]. In the characteristic design of 
coated wall configuration, the solid catalyst particles are loaded in a 
packed layer in contact with the wall of the reactor [168]. Thus, the 
mass balance equation of species in the unpacked area of the configu
ration is described as: 

ux
δci

δx
= Di

(
δ2ci

δx2 +
δ2ci

δy2

)

(25) 

The energy balance for the continuous reactor systems is expressed as: 

(ρCp)f uf∇•Tf + kf∇ • Tf = Qf (26) 

where, Cp,f is the specific heat of fluid, kf is the conductivity of fluid and 
Qf is the production of heat in the fluid domain.

Multiphase flow models can also be used to evaluate the interaction 
of the different phases. These types of models are very significant in 
heterogeneous catalytic systems where the catalyst is in solid phase and 
the reactant is either liquid or gas. There are two main approaches for 
multiphase flow modelling: the Euler-Euler (E-E) model and Euler- 
Lagrange (E-L) model. The E-E model has been more suitable for simu
lating complex and large amount of solid particles, where the kinetic 
theory of granular flow (KTGF) is applied to derive the physical prop
erties of the dispersed phase [169].

In the E-E model, each phase is considered as a continuum and 
equations for conservations of mass and momentum (Eqs. (27) and (28)) 
is solved for each phase (gas/liquid and solid), incorporating also the 
volume fraction αk, (where 

∑
αk = 1 and k symbolises the phase), and 

the interactions between different phases are modelled. It can be used 
for gas–solid systems and gas–liquid systems where solids, gas bubbles 
or droplets act as a granular material. In the right-hand side of Eq. (28), 
the first term symbolises the gravitational body force, the second is the 
pressure force, third is the stress tensor and the last term represents the 
external and interaction forces (collision, lift force, drag force etc.) 
[170]. 

∂(αkρk)

∂t
+∇ • (αkρkuk) = 0 (27) 

∂(αkρkuk)

∂t
+∇ • (αkρkuk) = αkρkg − αk∇ pk +∇ • (αkTk)+ Finter

k (28) 

The energy balance equation is shown in Eq. (29), where Hk is the 
specific enthalpy, λk is the thermal conductivity, and Qpk represents the 
heat transfer between fluid and particle. 

∂(αkρkHk)

∂t
+∇ • (αkρkukHk) = ∇(λk∇Tk)+Qpk (29) 

The species transport equation is given by Eq. (30), where Yi represents 
the mass fraction of i th species in the fluid phase [171]. 

∂(αkρkYi)

∂t
+∇ • (αkρkukYi) = − ∇(αkJi)+ αkRi (30) 

The E-L model, also called discrete particle models (DPM), solves one 
phase with the Eulerian framework (considered continuum), and a 
Lagrangian framework is considered for all the dispersed phases (solid 
phase). The velocity of particle is solved according to Newton’s second 
law, which can be written as: 

dup

dt
=
∑

Fp (31) 

The term on the right-hand side represents all the forces acting on it. 
Usually, the gravity, buoyancy, drag, virtual mass, lift and pressure 
gradient forces are usually considered which should be incorporated 
with the momentum equation of the continuous phase [172].

The energy balance is described according to a Lagrangian approach 
as: 

cpmp
dTp

dt
= Qp (32) 

where cp is the specific heat capacity of the particle, mp is the particle 
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mass, Tp is the particle temperature, and Qp denotes the resulting power 
of heat source acting on the particle [173].

4. Reactor configurations

Despite the effort to achieve high conversion and selectivity of a 
desired product within a reactor, downstream separation units are pri
marily responsible for achieving the desired purity. However, by opti
mising reactor technology, low-value by-products/waste materials can 
be reduced and the installation of a downstream separation unit to in
crease purity might not be needed [174]. Thus, it is evident that reactor 
design plays a crucial role in the efficient operation of a reaction. The 
geometric configuration, constructive materials, mass/heat transfer 
properties and fluid flow characteristics are parameters of significant 
importance when designing a reactor. Nevertheless, carrying out real- 
time experiments for the design and optimisation it is time-consuming 
and not cost-effective [175].

CFD can solve momentum and conservation equations for the visu
alisation of fluid flow and heat transport phenomena for various 
chemical, physical and biological processes [176]. Historically, CFD was 
mainly used for mechanical and aerospace engineering and in many 
cases CFD simulations studies have been applied to find the best 
approach for obtaining the optimal structural parameters of aero
dynamic shape and automobiles [177]. By solving momentum equations 
that describe the fluid flow inside the reactor, important information on 
the reactor geometry can be achieved through the model. For example, 
based on the flow patterns, the exact position of inlet/outlet and baffles 
can be found in order to provide efficient mixing and residence time. 
Dead zones and short-circuiting can be detected and minimised or even 
eliminated. Regarding energy balances, when incorporated in a model, 
hot spots can be identified and eliminated by improving temperature 
distribution.

Computational studies can therefore be implemented for reactor 
design, coupling robust modelling and accurate kinetic data in order to 
build a reactor design, giving the possibility of trying different config
urations [178]. Many studies also focused on the optimisation of existing 
reactor systems to maximise the performance of the reactor based on 
their experimental data. When developing a CFD model, is crucial to 
consider model fidelity, design practicability and computational cost. 
For industrial-scale systems where more unit parts are needed for real- 
life experiments, 3D modelling is more efficient and accurate, while 
2D systems despite their limitations can offer valuable insights into flow 
trends and are very practical for initial design evaluations [178]. 
However, in some cases where the system is symmetric, a 2D-axisym
metric model can be developed saving computational resources 
[179,180]. 2D models can also be used when modelling cross-section of 
reactors.

4.1. Batch reactors

Batch reactors are usually a tank with a capacity ranging from few 
millilitres to over 100 L, depending on the application and scale. They 
are preferred due to the simplicity of the system and scalability. 
Considering the effect of mixing in designing a batch system, many 
factors are considered such as mixing duration, power draw, impeller 
capacity and impeller shape/size. Thus, many CFD studies were con
ducted through the years for the simulation of the mixing pattern in 
batch systems. Exploiting the relationships between mixing, reaction, 
operating conditions, and reactor configuration may be more beneficial 
in determining the ideal reactor set-up and operating parameters [181].

A study by Rosa et al. [182], presented a numerical research aimed at 
optimising the production of bio-hydrogen (bio-H2) in an anaerobic 
sequencing batch reactor (ASBR). CFD modelling was utilised to obtain 
accurate results on the mass transfer, momentum and kinetics of the 
associated reactions. The two-phase flow (liquid mixture and gas bub
bles) was described by the E-E method. The liquid phase was 

characterised as a Newtonian fluid, while for the dispersed phase, the 
properties of biogas were applied. It was also investigated whether the 
addition of baffles to the bioreactor would offer better mixing. Large 
vortices were observed in the unrestricted flow, however, when one 
baffle with a length half of the radius partially obstructs the flow, the 
flow followed a preferred direction with smaller vortices. It was 
discovered that the addition of a baffle measuring ¼ of the bioreactor 
radius, equalised the flow and resulted in the largest increase in turbu
lent kinetic energy increase with a minimal impact on the pressure drop.

The impact of a reactor’s impeller distribution on the flux patterns in 
a process for bio-H2 generation was ascertained by Niño-Navarro et al 
[183]. CFD studies were used to analyse and characterise the flux pat
terns. Evaluations were conducted on two different mixing systems: 
radial flow (Rushton) and predominantly axial (pitched blade PB4). The 
most effective system, as exhibited by CFD modelling, was the PB4 im
pellers as seen in Fig. 2, where the velocity contours are presented. The 
flow patterns produced by the PB4 impellers, drive the molecules of bio- 
H2 into the headspace and also encourage the passage of dissolved bio- 
H2 to the gaseous phase. Besides, the hydrodynamic behaviour, the PB4 
impellers enhanced the metabolic process, causing higher cell growth 
and substrate consumption and thus, increasing bio-H2 generation.

A thorough modelling approach was used by Maluta et al. [184], to 
examine a gas–liquid bioreactor for H2 production through the dark 
fermentation of organic materials. For the simulation, a two-fluid model 
was chosen, considering therefore the liquid and gas phase as inter
penetrating continua interacting through the interphase transfer terms. 
The bioreactor operated at both batch and attached growth modes. Two 
reactor geometric configurations were studied: one designed for an 
efficient fluid dynamics behaviour where the supports for the attached- 
growth of bacteria were placed inside the draft tube only, and the other 
designed to boost the productivity of H2 where the supports were placed 
outside the draft tube. Their main difference was the volume and the 
position of supports. The results indicated that the configuration with 
the supports outside of the reactor reached steady state quicker due to 
the higher H2 generation rate. Overall, the analysis of both configura
tions mentioned above, showed that the system was able to produce 
more H2 when the amount of biomass is increased, but if the interphase 
mass transfer rate for H2 stripping from the aqueous to the gas phase, is 
not quick enough, can lead to significant H2 supersaturation.

Lefebvre et al. [185], conducted a modelling investigation of an 
innovative tube bundle reactor (TBR) and a slurry bubble column 
reactor (SBCR) for catalytic three-phase CO2 methanation as a compo
nent as an aspect of a Power to Gas (PtG) process chain. The model used 
axial dispersion coefficients for the gas and liquid phase and considered 
two bubble classes, assuming that large bubbles flow upwards, while 
small bubbles recirculate with the liquid phase entrained by the large 
bubble flow. Mass transfer took place between the bubbles and the slurry 
phase. The heterogeneous flow regime was used to simulate the SBCR to 
provide a high gas hourly space velocity (GHSV). The reactor was 
functioning under semi-batch flow conditions, meaning that it did not 
circulate any new or recycled slurry and it only allowed the gas phase to 
get through. Compared to SBCR, the TBR allows for significantly higher 
GHSV during steady-state operation. A sensitivity analysis exhibited that 
mass transfer limits the SBCR and heat transfer limits the TBR. The SBCR 
temperature displayed minor changes, and the outlet gas composition 
complies with high gas quality standards. However, TBR underwent 
major temperature changes in a short amount of time, leading to un
acceptable temperature hot spots and out-of-spec product gas qualities. 
The transient behaviour of the TBR can be improved by lowering the 
catalyst concentration in detriment to GSHV, while the GSHV of the 
SBCR can be improved by increasing the specific interfacial area con
trolling gas/liquid mass transfer.

In a study by Lašič Jurković et al. [186], the CH4 dry reforming re
action was investigated under both plasma-only and plasma-catalytic 
conditions in an atmospheric pressure spark discharge plasma reactor. 
Two mathematical models were created: a basic batch model and a 3D 

E. Harkou et al.                                                                                                                                                                                                                                 Fuel 404 (2026) 136401 

13 



CFD model coupled with kinetics, accounting for the realistic three- 
dimensional geometry of the reactor. The experimental results demon
strated that the feed mixture of CH4 and CO2 was converted into H2 and 
CO with great selectivity and conversions of 85 % and 75 % for CH4 and 
CO2 respectively. The CFD model was in a great agreement with the 
experiments (Fig. 3) due to the utilisation of simple plasma kinetics, 
which makes it not intensive and useful for scale-up simulations and 
optimisation. Moreover, by optimising the reactor geometry the coking 
issue could be significantly reduced.

Adamou et al. [187], simulated a two-neck round bottom flask batch 
reactor that was tested experimentally for H2 production from HH 
decomposition. Aim of the work was to evaluate the velocity and tem
perature fields as well as the distribution of the reactant and particles in 
the batch system. From the CFD results it was evident that the small 
circular geometry of the reactor was sufficient for good mixing after 
0.75 s (Fig. 4). Moreover, extra studies on the stirrer were performed in 
order to find the optimum size where it was shown that a medium size 
stirrer is more efficient for this system. The simulation was also checked 

for higher degrees of freedom with no noticeable difference in the re
sults. Lastly, the CFD outcomes were in a great agreement with the 
experimental results contributing to a better understanding of the ki
netics of HH and enhancing the possibility for future optimisation 
studies.

4.2. CSTR

Continuous Stirred Tank Reactor (CSTR) is considered the classical 
Chemical Reaction Engineering (CRE) model for a perfectly macromixed 
reactor [152]. CSTRs are able to achieve better separation between re
actants and products due to the continuous flow in and out of the 
reactor. Moreover, they can handle larger reactant concentrations 
compared to batch systems [78]. Mixing is an important parameter for 
an efficient performance of a CSTR. The degree of mixing determines 
how efficient are heat and mass transfer. In most cases CSTRs use me
chanical agitation. CFD methodology can calculate the flow field in the 
stirred tank and optimise the mechanical stirring as well. Since they are 

Fig. 2. CFD velocity contours of a) Rushton and b) pitched blade (PB4) impeller [183].

Fig. 3. a) Comparison of experimental and model conversion data and b) Comparison of experimental and model concentration data.
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preferred for larger-scale applications, scaling-up a reactor system is 
easier by achieving it computationally first to thoroughly investigate 
different parameters that affect its performance [152].

An existing gas–liquid CSTR was simulated by Patwardhan et al. 
[188], utilising CFD studies, in order to analyse the reactor performance 
and suggest improvement strategies. Gamma ray tomography was also 
used to measure the gas hold-up distribution. The concentration profiles 
demonstrated that there is a lack of dissolved reactant in the gas phase in 
the reactor and more specifically in the upper part of the reactor. 
Therefore, to improve the performance, different strategies were simu
lated such as the power input increase to the reactor, an alternative 
impeller configuration and distributing the gas/liquid feed to the 
reactor. When the gas and liquid phases were distributed at multiple 
locations, the total power increased by 75 % and the agitation was 
enhanced by 50 % at the top part of the reactor. The product quality was 
also enhanced by 22 %. When the upper impeller diameter was changed 
and made more uniform, this resulted again in an increase in total power 
of 75 % and an improvement of 50 % was observed at the power 
delivered at the top part of the reactor. The product quality was also 
enhanced by 20 %.

Ding et al. [189], investigated both experimentally and computa
tionally a gas–liquid two-phase lab-scale CSTR for bio-H2 production, 
using an E-E multiphase model to describe the flow behaviour of each 
phase. The mechanisms of the interaction of the phases were the flow 
resistance modelled by momentum transfer, the phase changes modelled 
by mass transfer and the heat conduction modelled by energy transfer. 

The hydrodynamic behaviour of the reactor, comprising the velocity 
field, turbulent kinetic energy, shear strain rate and biogas volume 
fraction were portrayed by CFD studies. To improve the hydrodynamic 
behaviour of the reactor, an optimised impeller was designed. The 
standard impeller design had a diameter of 100 mm and a blade angle of 
45◦, while the optimised impeller had a diameter of 120 mm and a blade 
angle of 45◦. It was established that the type and speed of the impeller 
greatly influenced the flow patterns. The integration of simulation re
sults with experimental observations, states that, when the impeller 
speed is between 50 and 70 rpm, the optimised impeller generates a 
better velocity distribution at lower impeller speed. Consequently, a 
higher H2 yield is achieved, and a shorter start-up time is needed 
compared to the standard impeller. A comparison between the experi
mental and simulated data (RTD over 90 rpm) was conducted for the 
normal and optimised impeller respectively. It can be seen that there 
was only a 20 % relative error, indicating that the model describes well 
the reactor behaviour.

Ri et al. [190], simulated a 3D CFD model of a gas–liquid flow in a 
horizontal CSTR (HCSTR) for bio-H2 generation. Main focus was to 
determine the ideal agitating speed and the appropriate three-phase 
separator (gas–liquid–solid three phase separations). In this study, 
drag force and lift force between the continuous phase (liquid) and 
dispersed phase (gas) were the most important for the simulation of bio- 
H2 production. The best performance was achieved at low stirring rates 
of 40–50 rpm (Fig. 5), indicating that the HCSTR design is better suited 
for increasing the generation of bio-H2 due to its comparatively large 

Fig. 4. Velocity field at 1400 rpm in the batch reactor at a) 0 s, b) 0.25 s, c) 0.5 s and d) 0.75 s [187].
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effective working volume with low production and operation expenses. 
It was also demonstrated how the hydrodynamic properties of bio-H2 
generation reactors influence the biological/chemical reaction within 
the reactor. Since there was only 21 % relative error between the 
measured and simulated data, suggesting that the model accurately 
describes the reactor behaviour, the authors concluded on the signifi
cance of the utilisation of CFD-based programs to forecast flow patterns 
in reactor designs.

A numerical methodology for the prediction of the generation of 
biogas and bio-H2 from a horizontal and vertical CSTR (HCSTR, VCSTR) 
was conducted by Brindhadevi et al [191]. CFD was also applied, 
investigating the hydraulic retention duration, impeller speed, vortex 
growth, and pH influence on the bio-H2 yield rate. Multiple simulations 
were performed with ideal boundary conditions for optimum biogas and 
bio-H2 generation rate. The speed of the impeller was ranging from 40 to 
120 rpm, and it was discovered that the rate was increased as the speed 
was increasing reaching to a maximum plateau at 80 rpm for bio-H2 and 
100 rpm for biogas. Based on the experiments and CFD, VCSTR per
formed better due to a better velocity distribution in the reactor. 
Comparing the experimental and simulated data, a low relative error of 
8–10 % was discovered due to geometry restrictions and/or boundary 
conditions. Nevertheless, the error was reduced at 5–7 % by decreasing 
the mesh size and increasing the interaction steps. Due to the good 
validation of the results the authors also concluded that CFD can be 
implemented to any kind of reactor before scaling-up a system.

4.3. Fixed bed

Fixed or packed bed reactors are widely employed for heterogeneous 
catalysis for gas or liquid phase reactants. The catalytic particles are 
packed in a bed and are in direct contact with the reactant. The catalyst 
bed greatly influences the transfer process and thus, is a parameter that 
must be considered for a practical design and operation of a catalytic 
fixed bed reactor [192]. Their complex geometry has hindered the 
comprehensive modelling of their hydrodynamics. However, with the 
exponential growth of computer power coupled with modern CFD al
gorithms, realistic flow fields for fixed-bed simulations can now be ob
tained, even the flow characteristics in the near-wall region that differ 
from those in the bed centre. This information can be utilised directly in 
in-depth 3D reactor simulations or in process design modelling [193].

Darfilal et al. [194], used CFD for a packed bed thermochemical 
receiver/reactor setup for H2 generation. The momentum, energy, and 

species transport equations were solved by the CFD model. The local 
thermal non-equilibrium (LTNE) model was utilised to determine the 
reactor’s solid and fluid phases temperature fields. In this model 
approach, the solid and fluid phases were spatially coincident and 
interact between them with regard to heat transfer. Experimental data 
from literature were used for the validation of the developed model. The 
outcomes demonstrated a strong correlation between experimental and 
numerical data. The model, then, was utilised to numerically assess the 
reaction through the packed bed including packing arrangement, inlet 
velocity and solar radiation, to predict the thermal behaviour under 
various conditions. The simulation results showed that the features of 
porous media and the working conditions have a significant impact on 
the temperature distribution. It was noteworthy that the configuration 
of the packing had an interesting impact on the reactor’s internal 
distribution.

The simulation of the anaerobic dark fermentation of biomass in a 
packed bed continuous plug flow reactor for bio-H2 production was 
studied by Wodołazski and Adam Smoliński [195]. The E-L approach 
was adopted with a two-phase model and the liquid flow was laminar 
based on Reynolds number general criteria at the inlet. Depending on 
the conditions the rate of bio-H2 generation ranged from 0.2 to 0.68 mg/ 
L h. CFD results showed that within 12 days (Fig. 6), the dark fermen
tation process’s maximum rate of bio-H2 generation employing recir
culation flow was reached. After that, the amount of bio-H2 generated 
gradually reduced. The challenge of achieving consistent H2 production 
may stem from anaerobic homoacetogenic microbes. It was concluded 
by the authors that CFD was proven useful for evaluating the reactor’s 
performance by examining the reaction rate, interphase H2 fluxes and 
other processes occurring inside the reactor.

Harkou et al. [144], examined computationally the performance of 
four different reactor configurations for CO2 methanation. The four 
configurations were a packed bed, a coated wall, a membrane packed 
bed and a membrane coated wall reactor as shown in Fig. 7. The coated 
wall reactor performed less than the packed bed reactor (30 %), as it had 
lower residence time. However, higher conversion values were achieved 
a lower flow rate, due to the decrease of fluid velocity and thus the in
crease of residence time. Studies on the optimal bed thickness showed a 
value of 1 mm. Two different membranes (M1, M2) were then investi
gated for the separation of the products. M1 indicated the removal of 
H2O, while M2 the removal of H2O, CO2 and H2. Even though, the 
thickness of the two membranes was the same (7 mm), when reduced, 
the conversion was better with the M2 membrane.

Fig. 5. Velocity contour at different stirring rates [190].
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Nailwal et al. [196], investigated the decomposition of NH3 using a 
packed bed catalytic reactor (PBCR) and a single tube packed bed cat
alytic membrane reactor (PBCMR), both, experimentally and computa
tionally. The PBCMR outperformed the PBCR with a conversion of 93 % 
at 773 K and 1 bar, compared to 80 % achieved with the PBCR. The 
developed 2D CFD model was verified by the experimental results with 
an error within a range of 10 % and thus, 3D simulations were also 
developed for the parametric optimisation of the PBMCR. Multi-tube 
PBCMR were designed to demonstrate the impact of membrane tubes 
on the conversion of NH3. As the number of tubes increased from 19 to 
22, the conversion also increased from 93 to 96 % (Fig. 8), due to a more 
available permeation area for H2 promoting the process. Additionally, 
feed header simulations were run to ensure uniform gas distribution in 
the reactor at the inlet. The ideal axis ratio for an elliptical head was 
discovered to be 1.42.

4.4. Fluidised bed

In contrast to fixed bed reactors where the bed is stationary, in 
fluidised bed reactors the catalytic particles are moving, providing more 
efficient mixing. Moreover, the temperature distribution is better in a 
fluidised bed with a good heat exchanged resulting in no hot spots. Also 
there is better scale-up potential than the fixed bed reactor [197]. 
Usually, in fluidised bed reactors, particle densities are greater than 
liquid densities, with typical particle sizes exceeding 150 μm. Thus, an 
important goal of CFD studies is to simulate the complex hydrodynamics 
of the fluidised bed reactors that have larger particles [198].

Utilising the multiphase particle-in-cell (MP-PIC) approach, a 3D 
CFD model was developed in a study by Liu et al. [199], to simulate a 
dual-fluidised bed biomass gasifier operating at pilot scale. Particle 
circulation, reaction temperature, and the composition of the produc
tion gas were predicted by integrating the momentum, mass and energy 
transfer equations with the kinetics of homogeneous gas-phase and 
gas–solid reactions. Gas composition and temperature at 6 locations of 
the gasifier and combustor were simulated and for all cases investigated, 
the uncertainties were less than 20 %. It is evident from Fig. 9 that 
particles are completely fluidised and carried by gases from the sepa
rator to the combustor and then returned to the gasifier. Particle accu
mulation is also observed in the loop-seal at 5 s and continued to grow at 

Fig. 6. Bio-H2 concentration in the packed bed: at: (a) 4 days, (b) 8 days and (c) 12 days [195].

Fig. 7. Configuration of a) packed bed, b) coated wall, c) membrane packed 
bed and d) membrane coated wall reactor [144].
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Fig. 8. Effect of number of membrane tubes on H2 mole fraction [196].

Fig. 9. Particle circulation and accumulation in the dual fluidised-bed system [199].
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20 s where it reached the bottom of the cyclone separator. Then, the 
accumulated particles were sent to gasifier after being progressively 
removed from the loop-seal over a period of 30 to 60 s. Particle accu
mulation from CFD modelling was consistent with the observation made 
experimentally. Also, the CFD model accurately predicted that in the 
current fluidised bed system, in the presence of steam as sealing gas, 
neither producer gas nor air leaked to the gasifier.

The development of a CFD-Discrete Element Method (CFD-DEM) 
simulation of a glucose gasification in a supercritical water fluidised bed 
reactor was conducted by Zhao and Lu [171]. The fluid phase which was 
a homogeneous mixture of glucose, water, intermediate and product 
gases was modelled as a continuum. The solid phase (inert quartz sand) 
was developed based on particle motions, comprising translational 
motion and rotational motion, by integrating Newton’s equation of 
motion. The analysis focused on reaction rate profiles, gas composition 
and particle distribution as well as on the influence of wall temperature, 
flow rates, bed height and the impact of chemical reactions on flow 
behaviour. The outcomes of the model indicated that gasification is 
improved by high starting bed height, low flow rate, and high wall 
temperature. However, at flow rates below the minimum fluidisation 
velocity, reduced H2 output and gasification efficiency were observed. 
Below the minimum fluidisation velocity the bed is not fluidised. Big 
bubbles form and the bed height changes at e relatively high flow rate, 
causing the fluidisation to be intensified. The robustness of this model 
was demonstrated by the model results, which were in a great agreement 
with the experimental findings.

A CFD model for small-scale H2 generation in a fluidised bed mem
brane reactor, was developed by Foresti et al [200]. The model incor
porated two options on the permeate side (sweep gas, vacuum), 
comprehensive hydrodynamics of the bubble and emulsion phases, and 
reforming processes. For the vacuum configuration, the simulation was 
initially evaluated against another well-established simulation; for the 
sweep gas configuration, experimental findings were employed. The 
model was then used to evaluate the membrane reactor’s performance 
when it is powered by bioethanol and incorporated into a micro- 
combined heat and power (m-CHP) system using a PEM fuel cell. The 
maximum deviation on H2 output at base-case conditions was 1.15 %. 
For a fixed membrane area, the difference in H2 output among the 
simpler models that do not take into consideration the fluidised bed’s 
hydrodynamics and transport phenomena, ranged from 10 to 55 % for 
the scenarios when the permeate side had a sweep gas or vacuum, 
accordingly. The primary cause of this, particularly in the sweep gas 
case, is the slow gas diffusion in the comparatively thick membrane 
supports, keeping the partial pressure of H2 at the membrane interface 
significantly higher than the majority of the permeate, preventing the 
sweep gas’s intended effect.

CFD simulations were applied for sorption enhanced steam methane 
reforming (SESMR) in a circulating fluidised bed (CFB) riser by Phuak
punk et al [201]. The E-E model with the KTGF were applied with 
heterogeneous kinetics of the catalyst and the sorbent in 2D and tran
sient simulation. The main focus of this work was the design of an 
appropriate pilot-scale CFB riser that generated high-purity H2 and high 
flux. The results of 32 runs demonstrated that the SESMR could function 
in the CFB riser since, in many cases, the H2 purity could approach 99 % 
as theoretical equilibrium. First off, compared to the reaction parame
ters, the design parameters were clearly more efficient. The most 
important parameters were the velocity of gas, riser’s diameter and solid 
flux which, with the exception of the gas velocity, had positive impact on 
both H2 purity and flux. The highest H2 purity value was 98.58 % ob
tained by the optimum case. Because of the well-developed axial and 
radial solid distributions that did not exhibit excessive segregation be
tween the sorbent and catalyst, the hydrodynamics of this ideal scenario 
demonstrated that SESMR had almost reached completion at 5 m height, 
therefore the riser’s 7 m height was adequate.

Using the MP-PIC approach, the thermodynamic and hydrodynamic 
properties of the sorption enhanced steam ethanol reforming process in 

a fluidised bed were explored by Yu et al [202]. Firstly, the model was 
validated by experimental data. Since the results were in a good 
agreement, the model approach was used to predict the flow dynamics 
in the fluidised bed. The findings showed that while the heat transfer 
coefficient increased with bed height, the solid temperature decreased. 
H2 and CO2 were distributed throughout the bed and primarily were 
building up in the reactor’s upper section. H2 and CO2 yields increased 
as the ratio of H2O to ethanol was increased. Studies on the particle 
parameters showed that large particle Reynolds number occurred 
mostly with a small solid volume percentage and the particle heat 
transfer coefficient increased with increasing the slip velocity.

4.5. Microreactors

In recent years, microreactors have emerged as a promising alter
native technology. It is simple to adjust the size, shape and contact time 
of the fluid–fluid interphase. Superior mass and heat transfer rates have 
been observed by microstructured reactors. Due to these characteristics, 
they are suitable for quick, exothermic and explosive reactions. More
over, their large surface to volume ratio limit the diffusion length, 
contributing to their high efficiency [203]. One of the most common 
methodologies for the investigation of micromixing is the Navier-Stokes 
equation coupled with the mass transfer equation. By that, CFD can 
characterise mixing by means of diffusion. Another methodology used 
by CFD is to solve the momentum and mass transfer equation, giving 
information regarding flow and concentration [204].

A work by An et al. [205], aimed to investigate, through mathe
matical modelling, various microreactor configurations to improve 
overall performance. The study was performed for a square cross-section 
channel microreactor with eight distinct configurations. The channel 
geometries were parallel, wavy, pin-hole, oblique fin, serpentine, coiled, 
coiled with serpentine and coiled with double serpentine as presented in 
Fig. 10. Experimental results derived by Bond et al. [206] were used for 
the validation of the model at two different inlet stoichiometric ratios. 
As can be observed (Fig. 10i), the current simulation closely matched 
with the experimental outcomes, particularly at higher stoichiometric 
ratios, whereas the model data by Bond et al. [206] and Canu et al. 
[207], greatly deviated. This could be due to the fact that the current 
model, accounted for the fluid characteristic’s temperature dependence, 
another example of the on-going development of CFD modelling. Their 
results were compared to those of traditional straight microreactor with 
the same cross-section area. The methane single phase process was 
investigated for a variety of geometric parameters and Reynolds number 
and the reaction performance was evaluated based on figure of merit. In 
comparison to rectilinear reactor designs, coil-based reactors offered 
better conversion at all Reynolds numbers but with a high pressure drop 
penalty. Thus, coil-based reactors have substantially lower figures of 
merit than those of other geometries. Among the tested configurations, 
the pin-hole design had a great figure of merit with great conversion, 
offering a great potential for utilisation as a novel microreactor.

The objective of a work by Harkou et al. [208], was the development 
of a scale-out membrane microreactor for use as a capture system by 
studying it both experimentally and computationally. The microreactor 
was designed to examine the velocity profile within each microplate for 
both gas and liquid flows. The primary goal was the achievement of a 
uniform flow distribution at each reactor plate. Based on the CFD 
models, nearly uniform flow distribution was obtained at each layer of 
the scale-out microreactor. For both gas and liquid flows, the highest 
variation was less than 6 %. Improved flow distribution was achieved by 
optimising the inlet/outlet tube’s radius. In addition, experimental 
studies on CO2 removal with a single-channel reactor were compared to 
the results of the CFD simulation. Similar to expectations, single and 
scale-out microreactors did not produce comparable CO2 removal out
comes. Contrary to the experimental data, which suggested that an 
uneven flow distribution would be obtained, the CFD models demon
strated a nearly uniform distribution, supporting the theory that the 
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maldistribution is caused by flaws in the plate fabrication process. 
Furthermore, the difference between the results could also be explained 
by phase breakthrough of the liquid into the gas phase or vice versa.

Studies on FA decomposition over a Pd/C catalyst were performed by 
Hafeez et al. [209], at moderate temperatures using a fixed bed and 
batch microreactors. A CFD model was also developed to validate the 
experimental findings. To demonstrate the accuracy of the CFD model, 
the simulation of the packed bed microreactor was compared with 
experimental outcomes. CFD was utilised to predict the heterogeneous 
particle–fluid transport phenomena within the microreactor using finite 
element methodology. The packed bed microreactor was modelled as 2D 
under the assumption that mass, temperature, and velocity profiles 
occur in the radial and axial directions only. As observed in Fig. 11, 
modelling and experimental results have a strong correlation and thus, 
the model was used for further studies. It was demonstrated that the 
packed bed microreactor could achieve slightly higher conversion than 
the batch microreactor, with less than 10 % difference, indicating that 
their performance were comparable. The CFD model was also able to 
predict the catalyst deactivation occurring from the generation of the 
poisoning species CO. Lastly, the CFD model showed that there were no 

limitations on external or internal mass transfer. Since all model results 
were in a great agreement with the experimental findings, the authors 
concluded that this model can be used to predict FA decomposition in 
fuel cell applications.

Another study by Hafeez et al. [210], evaluated the efficacy of three 
microreactor configurations consisting of packed bed, coated wall and 
membrane microreactors (Fig. 12) for H2 generation. Before investi
gating different parameters, the robustness of the model was determined 
by comparing the CFD outcomes with the experimental work (Fig. 12d). 
The outcomes showed that there was a comparable performance be
tween the packed bed and coated wall microreactors, both experimen
tally and computationally. In contrast to the other microreactors, the 
membrane microreactor demonstrated noticeably better performance. 
Previous research using CFD, revealed that the generation of the 
poisonous species CO, was the reason for the catalyst’s loss of catalytic 
activity in the packed bed microreactor. In the case of membrane 
microreactor, CO is continuously removed from the process, extending 
the catalytic activity, leading to an increase in H2 production. Due to the 
great permeability of the membrane, it was found that increasing its 
thickness has no influence on the conversion of FA. Subsequent analysis 
showed that all configurations had negligible mass transfer limitations.

Similar reactor configurations were investigated by Harkou et al. 
[211], for FA decomposition. A packed bed, a single membrane and 
double membrane were evaluated. The investigated parameters were 
temperature, reactant flow rate, porosity and concentration. Although, 
the packed bed design achieved high conversion, the catalytic activity 
gradually declined as a result of CO poisoning. The same trend was 
observed for the membrane microreactors. However, the double mem
brane microreactor outperformed the other two microreactors. Con
versions over 80 % were attained, and despite the fact the deactivation 
reduced the conversion during the first hour of the reaction, the mem
branes’ selective removal of CO, caused a subsequent increase in con
version. The authors concluded that a microreactor’s efficiency is 
increasing with the addition of membranes to the CO separation system.

Summing up, using CFD is crucial for analysing and optimising 
different reactor configurations. CFD allows detailed simulations of fluid 
flow, heat transfer, and chemical reaction within the reactor, providing 
insights into complex phenomena that are challenging to study 

Fig. 10. Configuration of a) parallel, b) pin-hole, c) wavy, d) oblique fin, e) serpentine, f) coiled, g) coiled with serpentine and h) coiled with double serpentine, i) 
experimental and simulation data comparison at low and high inlet stoichiometry ratio [205].

Fig. 11. Experimental data and CFD modelling results comparison for packed 
bed microreactor [209].
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experimentally. For different reactor designs, such as batch, CSTR, 
packed bed, fluidised and microreactors, CFD enables the assessment of 
reactor performance under various conditions, identification of hot
spots, and prediction of mixing and mass transfer efficiency. This can 
later help in scaling up processes from lab scale to industrial scale, 
improving efficiency and product quality.

5. Process optimisation/effect of factors on the performance

CO2 hydrogenation process to methanol, ethanol, higher alcohols or 
higher hydrocarbons involves catalytic reactors designed to control 
temperature and pressure since these parameters affect significantly 
product yield/selectivity. In contrast, for H2 generation from hydrogen 
storage materials, pressure is not a key parameter since the process is 
typically conducted under atmospheric pressure. However, temperature 
plays a crucial role. In continuous flow systems, flow rate is also an 
important parameter that affects heat/mass transfer in both CO2 hy
drogenation and H2 generation processes. These parameters can be 
incorporated in CFD studies and once the results are accurately vali
dated, then optimisation can be carried out to effectively implement and 
scale up the process, avoiding cost-effective experimental analysis. In 
the case of CO2 hydrogenation CFD studies, it is also a challenge to 

address competing reactions and catalyst poisoning from CO formation 
that are influenced through the experimental conditions. However, with 
the appropriate reaction kinetics and deactivation parameters these 
challenges can be eliminated resulting in robust models. This section 
explains the effect of the above-mentioned factors on the performance of 
liquid and gaseous fuels production through experimental studies and 
CFD simulations.

5.1. Effect of temperature

Fu et al. [212], studied the CO2 conversion to MeOH in a packed bed 
reactor model, evaluating the influence of the inlet temperature on the 
MeOH production. The experiment occurred in a range of 475 K to 555 
K, at different pressure, using CuO/ZnO/Al2O3 as catalyst. Eq. (4) was 
examined in their study. The CO2 conversion at 475 K, 498 K, and 555 K 
was found to be 18.18 %, 22.97 % and 23.02 %, respectively. This 
showed that the temperature increase led to an increase of CO2 con
version to MeOH. Although, temperatures above 498 K did not signifi
cantly affect the MeOH production, (increase in conversion between 
498 K and 555 K was only 0.05 %) concluding that there is a minimal 
benefit from further temperature increase. However, its highest value 
was reached at a shorter distance from the entrance of the reactor, 

Fig. 12. Configurations of a) fixed bed, b) coated wall and c) membrane microreactors, d) experimental and CFD results of the conversion of formic acid over 
time [210].
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meaning a shorter packed bed can achieve the same conversion. Based 
on the computational results, the size of the packed bed can be altered 
for real-life experiments.

Hafeez et al. [210], examined the H2 generation from FA using 
commercial 5 wt% Pd/C catalyst in a packed bed, coated wall, and 
membrane microreactors using CFD simulations. Coated wall and 
membrane microreactors were used to examine the impact of temper
ature on FA conversion. To determine the validity of the model, CFD 
results and experimental data were compared, and the uncertainty was 
found to be less than 3 %, confirming the accuracy of the model. Thus, 
parametric CFD studies were conducted varying the temperature at 30, 
40 and 60 ℃, while the other parameters remained constant. Re
searchers found that the conversion of FA is increasing when the tem
perature also increases for both microreactors. According to them, this 
was anticipated according to Arrhenius equation, which generates 39 
kJ/mol activation energy with Pd/C catalyst for this reaction. However, 
at very high temperatures poisonous species CO can occur, promoting 
the catalyst deactivation. Their study concluded that the deactivation of 
the catalyst and thus the FA conversion depend on temperature.

A tubular reactor was developed for CO2 methanation-based biogas 
upgrading, utilising the disk and doughnut concept by Soto et al. [213]. 
A 2D axisymmetric single tube model was developed to confirm the 
accuracy of the chosen kinetic models based on the operating conditions 
from Gruber et al. [214]. Interaction between phases was included 
through source terms that account for momentum, energy and mass 
transfer. Based on the comparison plot below (Fig. 13), it is evident that 
the experimental temperature profile and the findings obtained with the 
chosen kinetic model are in a good agreement. At the tube inlet and hot 
spot, the largest deviation between the experimental and simulated data 
is 20 % and 5 %, respectively. It is also observed that the temperature 
rose rapidly until the hot spot, which is located 0.8 cm from the inlet and 
afterwards, the temperature dropped until it reached the outlet tem
perature. Since the kinetic model validated the experimental results, 
parametric studies were performed afterwards, using molten salts and 
thermal oil for four different coolant flow rates.

Multiphase heat transfer in reacting gas-catalyst bed, reacting gas- 
reactor tube, and reactor tube-coolant in a shell-and-tube reactor were 
simulated by Zhang et al. [215], aiming to develop a technology to 
detect the appearance of hotspots in a CO2 methanation reactor. To 
verify the behaviour of the solver, the reaction rate of methanation was 
considered. Since many reaction rate models were developed 
throughout the years, only three were selected to be included in this 
study. Despite the fact that these models were created for different 

catalysts, they are useful in simulations to confirm that the model is 
applicable. Out of the three models, simulation results from model A 
were consistent with the experimental data, after its scaling to 1/8 of the 
original rate. The simulated catalyst bed temperature and the gas tem
perature vary significantly between the centre and near the reactor tube. 
In contrast, due to the high specific heat capacity of the coolant and high 
heat conductivity of the wall, the temperatures of the reactor tube and 
coolant fluctuate slightly.

Ni catalysts supported on sol–gel produced Pr-doped CeO2 were 
tested by Tsiotsias et al. [216], for CO2 methanation. Catalytic tests were 
performed under three experimental protocols. CFD simulations were 
utilised for the prediction of the catalytic performance using COMSOL 
Multiphysics at a temperature range of 200 to 450 ◦C for the protocols 
#1 and #2. Fig. 14 depicts the comparison among the experimental data 
and CFD findings, where the model’s validity is evident with errors of 
less than 12 %.

5.2. Effect of pressure

Pavlǐsič et al. [217], examined MeOH generation via CO2 hydroge
nation using a Cu/ZnO/Al2O3 catalyst with CFD modelling. Researchers 
aim was to optimise the process studying temperature and pressure 
impact on the MeOH production. A range between 1 and 40 bar was 
examined, which showed that MeOH selectivity increased as the pres
sure increased due to Le Chatelier’s principle, as expected from STAN
JAN calculations, the equilibrium of which either maximised the gas 
mixture’s entropy or minimised its suitable properties. CO2 conversion 
and pressure showed parabolic relation, obtaining maximum MeOH 
production at 10 bar, as can be seen in Fig. 15, upon attaining the 
equilibrium, due to the constant GHSV, meaning the reactor length is 
insufficient to achieve a complete thermodynamic conversion at either 
high concentrations due to high pressure or high linear velocities due to 
low pressure. The agreement between the experimental and CFD results, 
demonstrates the feasibility to model real system processes with a fully 
computational approach.

Nailwal et al. [196], studied H2 generation via NH3 decomposition in 
a packed bed catalytic membrane reactor (PBCMR) and without mem
brane (PBCR). A CFD model was used, and the impact of various pa
rameters were examined aiming to optimise the process. Experimental 
results showed that an increase in outlet pressure decreased NH3 con
version (from 78.2 % at 1 bar to 42.2 % at 1.3 bar). The decreased 
conversion is due to the inverse relationship between pressure and re
action rate. In addition, the NH3 decomposition reaction produced a 
greater number of product atoms than the number of atoms consumed in 
the reaction. Thus, when the pressure increased, the reaction shifted to 
the left (backwards) according to Le Chatelier’s Principle resulting in a 
lower conversion rate. The H2 flux also decreased with pressure in
crease. However, a rise in pressure led to increased H2 permeation 
through the membrane. Researchers found that at 773 K and 1 bar 93 % 
NH3 conversion was obtained in PBCMR, while in PBCR the achieved 
conversion was 80 %. Based on these results, simulation optimisation 
studies were conducted with the optimum pressure value of 1 bar, feed 
velocity of 0.00025 m/s, reactor wall temperature of 660 K, feed tem
perature of 523 K, bed porosity of 0.3 and with 22 membrane tubes, NH3 
conversion of 96 % was achieved.

CFD studies for CO2 methanation reaction in a cooled reactor were 
performed by Di Nardo et al. [218]. The validity of the model was 
established by available experimental data in literature. After adjusting 
for pressure variations, an effectiveness factor of 0.14 was found, giving 
a good match between the experimental and numerical data. This value 
was also consistent with what other authors have obtained. Both 
experimental and CFD data showed that by increasing the pressure, 
conversion was also increased, since the Sabatier’s reaction is favoured 
at higher pressures. Upon validation of the results, further studies were 
carried out using two different coolants (N2 and oil cooling), aiming to 
find feasible options that retain high conversion rates and low 

Fig. 13. Temperature profile between experimental [214] and computational 
results [213].
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temperature levels. Oil cooling performed better, leaving the possibility 
of updating the experimental setup using the CFD simulations as it was 
concluded by the authors.

5.3. Effect of flow rate

Jamshidi et al. [219], studied computationally how gas streams 
behave in the tube side of a packed bed reactor for MeOH synthesis. 
Before investigating the effect of different parameters, the model was 
first validated by experimental data of a petrochemical industrial plant. 
Overall, the data were in a great agreement excluding the content of 

H2O. A possible reason is the chosen Graaf kinetics that were employed, 
which operate at 15–50 bar pressure range, in contrast of the operating 
pressure of the industrial plant (80 bar). Following the numerical re
sults’ validation the impact of several parameters on MeOH production 
rate were examined by CFD simulations. The effect of inlet flow was one 
parameter tested. CFD studies revealed that a rise in the inlet flow rate 
(originally 0.027 kg/s) increased the MeOH production about 4 times 
with a slight decrease (by 2 %) of the mass fraction of MeOH. The in
fluence of flow rate was also investigated on CO conversion. The results 
demonstrated that when the flow rate was increased, space velocity also 
increased, leading to a decrease in average residence time.

In a study published by Hafeez et al. [220], FA decomposition was 
studied in a batch and packed bed reactor, both theoretically and 
experimentally. The CFD model was in great agreement with the 

Fig. 14. Experimental and CFD results for (a) CO2 conversion and (b) CH4 selectivity vs temperature (Experimental Protocol #1). Experimental and CFD model 
results. (a) CO2 conversion and (b) CH4 selectivity vs temperature (Experimental Protocol #2) [216].

Fig. 15. Effect of pressure on CO2 conversion and methanol selectivity at 240 
℃ and 12,030 h− 1 GHSV [217].

Fig. 16. Experimental and CFD results of formic acid decomposition over time 
at different inlet flow rates [220].
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experimental results and in the case of the packed bed the model pre
cisely predicted the deactivation that takes place from the CO species. 
One of the parameters tested was the inlet flow rate. As is evident from 
Fig. 16 below, the conversion is increased at lower flow rates. This can 
be explained by the residence time dependence; due to the reduced 
velocity, FA remains in the reactor for a longer period of time, resulting 
in larger conversions. The optimum flow rate was 0.1 mL/min, obtained 
from both experiments and CFD simulations.

A numerical study was carried out in a fluidised bed methanation 
reactor by Liu and Hinrichsen [221], by coupling the E-E gas–solid 
model with methanation reaction kinetics. The computational findings 
were compared with experimental data from literature, where the 
measured values near the end of the bed were in good agreement with 
the simulated axial species concentrations. Thus, the models were uti
lised to evaluate the effects of various operating conditions. The impact 
of inlet gas velocity is presented in Fig. 17a. It is observed that CH4 
concentration declines and H2 concentration is increased, as the inlet gas 
rate is increased. Fig. 17b shows how the catalyst concentration is more 
diluted due to the greater gas input rate. Higher gas inlet rates cause the 
formation of big bubbles. The volumetric interfacial regions are severely 
reduced under these conditions. Additionally, the reactant gases’ resi
dence time in the bed is shortened by the higher gas velocity with this 
catalyst amount. Larger reactant input, however, is more interesting 
from an industrial perspective because it guarantees high volumetric 
productivity. As a result, when adding more feedstock, the catalyst 
needs to be modified accordingly.

5.4. Effect of mass transfer

Wang et al. [222], enhanced the CO2 hydrogenation using Fe-based 
catalyst through 3D printing technology (direct ink writing (DIW)) 
optimising the mass and heat transfer, which affect the catalytic stability 
and product selectivity. It was revealed that the products and interme
diate coverage is minimised by the spiral-structured channels of the Fe 
catalyst, while the usage of active sites is maximised archiving the car
bon chain expansion in a specific time. This happens consequently upon 
the optimised mass transfer method, which also extends the catalyst life 
preventing unwanted effects, such as the active site accumulation and 
deposition of carbon. The study involves the experiment analysis of the 
catalysts in 3D printed monoliths and in powder form. Scientists eval
uated the catalyst ability through conversion rate and product distri
bution using different channel setups, finding that the mass transfer 
optimisation improved the reaction productivity, stability, and selec
tivity. Analytically, using CFD simulations, they made three different 
setups channels of Na-Fe@C-3D (staggered, straight and spiral), 

evaluating pressure drop and gas flow within the catalyst. The model 
was solved through the non-isothermal flow module by coupling the 
solid/fluid heat transfer modules with the laminar flow module. The 
straight channel structure eased the gas flow, while the staggered 
channels impeded it. The spiral channel was the best option, providing 
balance and improving mass transfer. Non-3D printed catalysts were 
also examined, but they demonstrated low mass transfer efficiency in 
comparison to 3D printing catalysts. It was concluded that the optimi
sation of the mass transfer favours the conversion rates of CO2, prevents 
the posterior hydrogenation and the extreme growth of carbon chain. In 
addition, catalyst is essential for mass transfer performance.

Hafeez et al. [210], examined the H2 production from FA with a CFD 
packed bed microreactor model. Internal and external mass transfer 
resistances were studied. The internal pore diffusion limitations were 
studied within catalyst pores, while the external mass transfer resistance 
was examined from the difference in concentration of the catalyst par
ticle and the concentration of the bulk fluid. The study of the effect of 
mass transfer is important in finding ways to improve the process. The 
difference between concentrations within the catalyst pellets is found to 
be fewer than 5 %. Considering the above and calculating the Thiele 
Modulus (F), which was found less than one, is determined that the 
internal mass transfer limitations are negligible, and the reaction is 
surface limited. Similarly, the external mass transfer limitations are 
negligible in the used microreactor due to the minor differences in the 
concentration of the catalyst particle surface and the concentration of 
the bulk fluid.

For on-board H2 generation, NH3 decomposition over CoCeAlO 
catalyst was investigated and simulated on a flat-plate microreactor by 
Maleki et al. [223]. The effect of temperature and NH3 flow rate was 
examined through a series of kinetic experiments and on the basis of the 
conversion data, two kinetic rate expressions were developed (models I 
and II) and added to the CFD model. The kinetic models accurately 
predicted the responding flow parameters along the microchannel, and 
the simulated results exhibited good accuracy in comparison to the 
experimental data. The distribution of NH3 concentration in the porous 
zone and bulk fluid phase at four axial points from the microreactor inlet 
are presented in Fig. 18a. The concentration gradients are relatively 
small, sharper though, near the inlet, demonstrating that the micro
reactor’s entry has higher mass transfer rates, and most of the conver
sion occurs within this region. According to further mass transfer 
analysis, the optimal operating conditions for the microreactor occur in 
the region where the Damköhler II (DaII) and Péclet (Pe) numbers are 
less than 1 (Fig. 18b). Therefore, it can be assumed that the system 
operates within the kinetic controlled zone without mass transfer limi
tations and that the microreactor aspect ratios are ideal for this reaction.

Fig. 17. Effect of inlet gas velocity on a) CH4 and H2 mass fractions and b) solid volume fraction [221].
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In a work by Chiuta et al. [224], a microreactor was evaluated using 
an integrated experimental and CFD modelling for H2 generation by 
NH3. After a series of experiments with different temperature values and 
NH3 flow rates, Temkin-Pyzhev kinetics were employed, utilising a 
model-based approach with parameter estimation and refinement. This 
kinetic model provided the reaction source team which was used for the 
CFD simulations for a deeper understanding of the transfer phenomena 
inside the microreactor. Comparing the concentration gradients for 
lower temperature and higher temperature, it was evident that they 
differ, confirming the lower NH3 conversion at lower temperatures. As it 
was also observed by Maleki et al. [223], most of the decomposition 
process takes place near the entrance for high-temperature operation.

Summarising, using the proper kinetic data and equations, CFD can 
accurately predict and validate experimental data and improve the un
derstanding behind a reaction process. By varying experimental condi
tions e.g. temperature, pressure, and flow rate computationally, saves 
time and money from real-time experiments, enabling simulation try- 
outs for large ranges of values. Also, CFD enables precise control and 
prediction of fluid behaviour, investigating mass transport phenomena. 
Thus, upon validation, optimisation studies can be carried out for all 
kinds of process systems. In that way, CFD parametric studies, offer 
invaluable insights for engineers and scientists, leading to an improved 
system performance and the development of innovative industrial 
systems.

6. Future prospects in modelling

The role of computational studies is of great importance since they 
offer a wide range of advantages compared to conducting experiments in 
laboratories. The less time needed to carry out investigation with the 
potential of prediction with accuracy as well as the lower cost from not 
using consumables for experimental studies constitute the basis of the 
reason for which the computational studies are preferred. However, 
there is still room for improvement in the speed of computing, in the 
accuracy and in the development of more friendly in use softwares that 
can be used by non-specialist engineers for less complex models. The 
main limitation is the high computer sources that are required to run the 
simulations in less time, especially for complex geometries that imple
ment complex phenomena. So far, the model development has been 
excessively utilised in aerospace and generally in the engineering fields. 
There is a great potential in expanding its employment in various ap
plications beyond the usual ones, such as food processing, biomedical, 
environmental, buildings ventilation, fire safety, and energy efficiency 
etc.

The validation of the model is significant during the development. A 

prototype model should be able to validate experimental results in terms 
of species mass fractions with the accuracy between the simulated and 
experimental results to be considered as a challenge. The well quality of 
the mesh could potentially inhibit numerical problems during the 
simulation, but increasing the number of elements of the mesh by 
creating more complex domains this will not only lead to precise results 
but will also increase the computational time. Therefore, it is important 
to lower the cost of the simulations in large-scale analyses by reducing 
the computational time, at the same time without affecting the effi
ciency, using the optimum mesh-grid for the study to give accurate 
results.

It is enormous the effect of artificial intelligence (AI) in our everyday 
life which has also debuted in the computational field gaining popu
larity. The application of AI in CFD was firstly started in 2015 focusing 
on aerodynamic and turbulence modelling. Many scientists are applying 
AI algorithms in order to improve their hardware (computers etc) and to 
process a large amount of data. Additionally, they are capable to offer 
solution with high accuracy, efficiency and better process understanding 
due to their engineering database. The machine learning algorithms use 
a plethora of base models in order to solve the problem with high ac
curacy. Their implementation in various simulations is growing swiftly 
the recent years offering preciseness and reliability on the designed 
models. They have made their appearance in chemical engineering field 
and more specifically in the material synthesis field for heterogenous 
catalysts for significant reactions with intermediates [225]. In the most 
recent study of Miyazaki et al. [226], the assessment of new additive 
metals carried out to improve the MeOH selectivity via CO2 hydroge
nation using the SISSO AI-assisted model with main aim to understand 
the underlying catalytic mechanisms that leads to products generation. 
It is important to utilise the appropriate AI tools in the CFD modelling for 
their implementation to a wider range of catalytic systems.

7. Conclusions

The present review aims to highlight the significance of CFD 
modelling in terms of validation, optimisation and prediction. Simula
tion studies using computational modelling tools is one of the most 
convenient, inexpensive and time-saving ways to investigate various 
systems with an advantageous approach compared to the experimental 
work. More specifically, CFD modelling employing all the reaction rates, 
BC and governing equations contribute to the better understanding and 
optimisation of various parameters that might be the temperature, 
pressure, velocity, catalyst properties and weight, reactor set-up design 
and feedstock composition that can be predicted with high accuracy. 
Nowadays with the climate crisis we face the CCU technology along with 

Fig. 18. a) Profile of NH3 concentration in the dimensionless channel height, y/h at different axial x locations (based on model II), b) Damköhler II vs. Péclet diagram 
defining the mass transport (grey area) and kinetic controlled regions (top-right area) [223].
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the hydrogenation of CO2 provide an alternative route for fuel and 
chemical synthesis. In addition, among the alternatives fuels the H2 
consists one of the most efficient energy sources without burdening the 
atmosphere with emitted pollutants. CFD modelling tools can contribute 
to the exploration of existing and new reaction systems for the genera
tion of gaseous and liquid fuels offering a solution to the global warming 
we face due to the utilisation of conventional fuels. In this review we 
present the reaction pathways considering the production of these 
gaseous and liquid fuels that has been extensively investigated in liter
ature with many proposed kinetic mechanisms and hence kinetic rate 
equations. The kinetic rates consist of key factors for the deployment of 
CFD models as they represent the evolution of product species and the 
consumption of the feedstock. The catalyst can affect the reaction 
mechanism and the rate-determined step as well as the proposed reac
tion rate. There are many key factors that must be considered in order to 
inhibit common phenomena such as the catalyst deactivation due to CO 
poisoning and the competitive reaction of the non-desirable pathway 
leading to lower selectivity of the preferred product. Another important 
factor for the CFD design is to incorporate the appropriate physics, with 
the implementation of the different mass and heat balances to describe 
all the phenomena occurring inside the system. Moreover, to study the 
microkinetics of a reaction system using lab experiments is very difficult 
and time-consuming procedure in contrast to the CFD work that can 
exhibit such phenomena of reaction efficiency, mass and heat limita
tions, system configuration limitations, mixing and/or flow behaviours 
with an ease. Additionally, the goal of CFD optimisation studies is to 
discover the optimum parameters and conditions for the efficient 
operation of the reaction system as it’s a more affordable approach 
compared to the experimental work. The optimum reactor design is one 
of the most significant factors that could contribute to the high efficiency 
of the operation and to the low manufacturing cost. To achieve that a 
validated model with experimental results could predict with high ac
curacy the performance of each reactor configuration and the mass 
fraction of species at the outlet of the reactor. The enrolment of mesh 
quality and computational time must be considered on the results ac
curacy. Lastly, the expansion of numerical modelling into various fields 
is important for efficiency reasons as well as the integration with AI 
algorithms that contain a huge engineering database offering better 
understanding on problems while providing information regarding the 
optimum operating conditions and solving them with high accuracy.
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