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A B S T R A C T

The recovery of lactose from acid whey has not yet been implemented at an industrial scale, primarily due to 
high concentration of lactic acid and minerals. This study demonstrates the feasibility of purifying and 
concentrating lactose derived from the permeate of ultrafiltered acid whey. A simple batch nanofiltration process 
was developed to achieve simultaneous deacidification and demineralization by integrating a concentration step 
with a subsequent constant-volume diafiltration step. The process enables efficient lactose recovery and provides 
an aqueous by-product containing primarily lactic acid and monovalent salts. Experiments were conducted with 
real solutions consisting mainly of 30 g/L lactose, 4.3 g/L lactic acid and 2.5 g/L electrolytes. Commercial spiral 
wound polyamide membranes were tested at pH 4.0 and 50 ◦C, and membrane performance was assessed based 
on rejection measures and a preliminary quantification of fouling. The diafiltration step was essential to ensure a 
final product with a lactose concentration close to 100 g/L and a lactic acid to lactose ratio not exceeding 0.030 
g/g. Process efficiency was determined by the optimal combination of the transmembrane fluxes imposed in both 
steps: high lactose purity (95 %), yield (99.6 %) and demineralization efficiency (86 %) were obtained when 
operating at fluxes at 30 L/(m2h) with a minimum pumping requirement of 3.1 kWh/m3 of feed. However, while 
increasing the transmembrane flux improved performance and energy efficiency, a significant increase in water 
demand was observed in the diafiltration step. Nevertheless, water recovery via an additional reverse osmosis 
step accounts for no more than 20 % of the total energy requirement.

1. Introduction

Acid whey, primarily derived from the production of high protein 
yogurts and acid coagulated cheeses, represents a potential source of 
valuable products such as proteins and lactose, similarly to sweet whey 
(de Souza et al., 2010; Kaur et al., 2020; Kravtsov et al., 2021; Blais 
et al., 2022; Casado-Coterillo et al., 2023; Roselli et al., 2024). In the 
sweet whey treatment, proteins are typically recovered via ultrafiltra
tion, while the resulting lactose-rich permeate undergoes nanofiltration 
for simultaneous concentration and removal of monovalent salts. Ion 
exchange and/or electrodialysis are often integrated with nanofiltration 
to remove divalent ions and enhance the demineralization efficiency, 
according to established industrial practices (Applexion, 2025; MEGA, 
2025; Veolia Water Technologies & Solutions, 2025). In contrast, a 
similar industrial solution is not practicable for acid whey, due to the 

need for additional separation steps to remove higher levels of calcium 
and lactic acid, which affect crystallization efficiency and compromise 
the quality of the final lactose.

Most of the publications reported in the literature deal with the 
deacidification, decalcification and demineralization of raw acid whey 
to produce powders for animal feed (Menchik et al., 2019; Talebi et al., 
2020; Merkel et al., 2021; Kravtsov et al., 2021). To this aim, the original 
whey protein content should be preserved to maintain a good nutritional 
level while a significant reduction of lactic acid and calcium levels is 
required to improve both the final taste and the processability of the 
powders. In particular, the lactic acid to lactose ratio should be reduced 
from 0.15 to 0.20 g/g to values not exceeding 0.030 g/g (Talebi et al., 
2020), which is considered a conservative target compared to that for 
the production of lactose powders from sweet whey (0.042 g/g). The 
removal of lactic acid and calcium was studied by combining different 
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processes, leading to a final lactose purity above 90 % and a deminer
alization level higher than 70 %. Some representative examples are the 
alkaline precipitation of calcium coupled with nanofiltration 
(Chandrapala et al., 2017) and nanofiltration followed by electrodialysis 
or ion exchange (Talebi et al., 2020; Nielsen et al., 2021; Theoleyre and 
Gula, 2004).

On the other hand, relatively few studies have focused on the re
covery and purification of lactose from the permeate of ultrafiltered acid 
whey (de Souza et al., 2010; Kravtsov et al., 2021; Casado-Coterillo 
et al., 2023; Roselli et al., 2024). To address this gap, our research group 
recently proposed a comprehensive process flow sheet for the valoriza
tion of all major components of raw acid whey (Fig. 1a) (Roselli et al., 
2024). The whey is initially pretreated by pasteurization followed by 
centrifugation or microfiltration to recover the cream fraction and then 
subjected to ultrafiltration for protein recovery. The ultrafiltration 
permeate, which contains mostly lactose, lactic acid and electrolytes, is 
sent to the lactose recovery section. This section consists of a series of 
unit operations: calcium removal via alkaline precipitation, a nano
filtration process integrating concentration and diafiltration for lactose 
recovery and purification, and a reverse osmosis unit to recover the 
diafiltration water. The reverse osmosis concentrated stream, primarily 
composed of lactic acid and monovalent salts, can be further processed 
for the recovery and purification of lactic acid. An experimental 
campaign, performed with an “artificial solution” (Roselli et al., 2024), 
established the process feasibility and identified the best membrane and 
good operating conditions (pH 4.0, 50 ◦C) for efficient lactic acid/
lactose separation. In addition, through a preliminary analysis of 

membrane performance, it was demonstrated that operating at low 
transmembrane fluxes could lead to the highest lactose rejection and 
lactic acid transmittance, thus allowing the targets to be achieved. For 
this reason, all experiments were carried out at a constant permeate flux 
of 8–9 L/(m2h). However, a preliminary process simulation suggested 
that the operating flux could be a key design parameter, indicating the 
need for a more thorough investigation of its effects on nanofiltration 
performance.

In this work, the role of permeate flux on the performance of the 
integrated nanofiltration + diafiltration process, schematically illus
trated in Fig. 1b), is studied in detail in terms of deacidification, 
demineralization, final product purity, and energy consumption. To this 
aim, real solutions having a composition representative of the decal
cified stream downstream the ultrafiltered acid whey were used. The 
decalcified acid whey (F) is fed into a batch nanofiltration step (NF) 
which concentrates lactose and enables the partial removal of lactic acid 
and electrolytes. The residual concentrate (RNF) undergoes a semi-batch 
diafiltration step (DF), operated at constant volume through continuous 
water addition (W), to achieve further purification and meet the desired 
specifications (RDF). Permeates from both steps are combined to obtain 
an aqueous stream (PTOT) containing mainly lactic acid and monovalent 
salts. Both steps operate with the same equipment and membrane, thus 
avoiding additional operations such as ion exchange and/or 
electrodialysis.

The experimental campaign was conducted on a semi-pilot plant at 
different transmembrane fluxes. The theoretical background is also 
presented. The main objectives of this study are to obtain a final product 

Fig. 1. a) Process flowsheet for acid whey treatment. b) Nanofiltration system, illustrating integrated concentration (NF) and diafiltration (DF) steps.
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(RDF) with the highest possible lactose concentration, a purity exceeding 
90 % and a lactic acid-to-lactose ratio below 0.030 g/g; a demineral
ization degree greater than 70 % relative to the initial feed is also 
desired. The ultimate goal of this study is to allow the reader to identify 
the optimal process parameters (transmembrane flux, VCF, and VDF) 
based on the desired purity targets, and to gain insight into the 
composition of all the resulting streams and water consumption. The 
work is complemented by an evaluation of membrane fouling effects 
(reported in the Supplementary Information), and concludes with an 

assessment of the pumping energy requirements, estimated for indus
trial scale equipment based on a scale-up of the experimental results 
obtained in this study.

2. Materials and methods

2.1. Materials

The solutions used as feed for the NF unit were prepared by 

Table 1 
Operating conditions (flux-TMP-feed composition) during the experimental campaign and performances of the integrated NF + DF process to achieve LA/LT = 0.030 
g/g.

TRIAL A NF (VCF = 3.52) DF (VDF = 0.91)

flux (Lm− 2h− 1)/TMP (bar) 8.6/4.6–11.6 9.0/13.5

Feed Retentate Permeate Retentate Permeate total permeate

lactose (g/L) 29.6 ± 0.5 103.5 ± 1.7 0.27 ± 0.01 102.8 ± 1.6 0.76 ± 0.01 0.40 ± 0.01
lactic acid (g/L) 4.33 ± 0.15 6.05 ± 0.21 3.87 ± 0.14 3.09 ± 0.11 3.01 ± 0.11 3.64 ± 0.13
fats (g/L) 0.07 0.25 – 0.25 – –
proteins (g/L) 0.881 3.10 – 3.10 – –
total electrolytes (g/L) 2.59 ± 0.26 3.98 ± 0.40 2.04 ± 0.20 2.46 ± 0.25 1.55 ± 0.16 1.90 ± 0.19

sodium + potassium (g/L) 1.25 ± 0.13 1.34 ± 0.13 1.21 ± 0.12 0.44 ± 0.04 0.95 ± 0.10 1.14 ± 0.11
chloride (g/L) 0.23 ± 0.02 0.25 ± 0.03 0.22 ± 0.02 0.12 ± 0.01 0.14 ± 0.01 0.20 ± 0.02
calcium + magnesium (g/L) 0.30 ± 0.03 0.94 ± 0.09 0.04 ± 0.00 0.87 ± 0.09 0.06 ± 0.01 0.05 ± 0.01
phosphate (g/L) 0.74 ± 0.07 1.24 ± 0.12 0.054 ± 0.01 0.86 ± 0.09 0.39 ± 0.04 0.50 ± 0.05
sulphate (g/L) 0.07 ± 0.01 0.20 ± 0.02 0.01 ± 0.00 0.19 ± 0.02 0.009 ± 0.00 0.013 ± 0.00

overall lactose recovery yield (%) 99.4 ± 0.2 98.7 ± 0.2 ​
overall lactose purity (g/g) (%) 88.6 ± 0.3 92.0 ± 0.2
overall lactic acid removal (%) 60.3 ± 2.0 79.7 ± 1.0
overall demineralization (%) 56.4 ± 6.0 73.1 ± 3.6
​

TRIAL B NF (VCF = 3.54) DF (VDF = 0.96) ​

flux (Lm− 2h− 1)/TMP (bar) 15.0/5.4–13 9.9/14.0 ​

​ Feed Retentate Permeate Retentate Permeate total permeate

lactose (g/L) 30.0 ± 0.48 105.6 ± 1.70 0.21 ± 0.00 105.1 ± 1.70 0.52 ± 0.01 0.30 ± 0.01
lactic acid (g/L) 4.32 ± 0.15 6.37 ± 0.22 3.64 ± 0.13 3.06 ± 0.11 3.45 ± 0.12 3.59 ± 0.13
fats (g/L) 0.02 0.06 – 0.06 – –
proteins (g/L) 0.22. 0.79 – 0.79 – –
total electrolytes (g/L) 2.44 ± 0.24 3.40 ± 0.34 2.07 ± 0.21 1.76 ± 0.18 1.71 ± 0.17 1.97 ± 0.20

sodium + potassium (g/L) 1.33 ± 0.13 1.80 ± 0.18 1.15 ± 0.12 0.86 ± 0.09 0.98 1.10 ± 0.11
chloride (g/L) 0.89 ± 0.09 1.00 ± 0.10 0.84 ± 0.08 0.44 ± 0.04 0.59 0.77 ± 0.08
calcium + magnesium (g/L) 0.04 ± 0.00 0.19 ± 0.02 0.00 ± 0.00 0.18 ± 0.02 0.01 0.003 ± 0.00
phosphate (g/L) 0.16 ± 0.02 0.35 ± 0.04 0.08 ± 0.01 0.23 ± 0.02 0.12 0.09 ± 0.01
sulphate (g/L) 0.01 ± 0.00 0.05 ± 0.01 0.00 ± 0.00 0.04 ± 0.00 0.006 0.002 ± 0.00

overall lactose recovery yield (%) 99.5 ± 0.2 99.0 ± 0.2 ​
overall lactose purity (g/g) (%) 90.9 ± 0.3 94.9 ± 0.2 ​
overall lactic acid removal (%) 58.3 ± 2.1 80.0 ± 1.0 ​
overall demineralization (%) 60.5 ± 5.3 79.6 ± 2.7 ​
​

TRIAL C NF (VCF = 3.41) DF (VDF = 1.68) ​

flux (Lm− 2h− 1)/TMP (bar) 30.0/7.6–16.5 29.0/19.5 ​

​ Feed Retentate Permeate Retentate Permeate total permeate

lactose (g/L) 29.3 ± 0.50 99.7 ± 1.6 0.08 ± 0.00 99.5 ± 1.6 0.13 ± 0.00 0.10 ± 0.00
lactic acid (g/L) 4.20 ± 0.15 6.66 ± 0.23 3.20 ± 0.11 2.90 ± 0.10 2.23 ± 0.08 2.80 ± 0.10
fats (g/L) 0.02 0.06 – 0.06 – –
proteins (g/L) 0.22 0.76 – 0.76 – –
total electrolytes (g/L) 2.81 ± 0.28 4.07 ± 0.41 2.29 ± 0.23 1.53 ± 0.15 1.70 ± 0.17 2.06 ± 0.21

sodium + potassium (g/L) 1.48 ± 0.15 2.16 ± 0.22 1.19 ± 0.12 0.70 ± 0.07 0.98 ± 0.10 1.10 ± 0.11
chloride (g/L) 1.11 ± 0.11 1.26 ± 0.13 1.05 ± 0.11 0.26 ± 0.03 0.67 ± 0.07 0.89 ± 0.09
calcium + magnesium (g/L) 0.06 ± 0.01 0.19 ± 0.02 0.01 ± 0.00 0.19 ± 0.02 0.00 ± 0.00 0.01 ± 0.00
phosphate (g/L) 0.14 ± 0.01 0.39 ± 0.04 0.03 ± 0.00 0.31 ± 0.03 0.05 ± 0.01 0.04 ± 0.00
sulphate (g/L) 0.02 ± 0.00 0.07 ± 0.01 0.00 ± 0.00 0.074 ± 0.01 0.00 ± 0.00 0.00 ± 0.00

overall lactose recovery yield (%) 99.8 ± 0.2 99.6 ± 0.2 ​
overall lactose purity (g/g) (%) 89.6 ± 0.3 95.0 ± 0.2
overall lactic acid removal (%) 53.6 ± 2.0 79.8 ± 1.1
overall demineralization (%) 57.4 ± 6.4 84.0 ± 2.3

fats and protein concentrations were calculated on the basis of the ultrafiltered sweet whey powder data sheet and assuming a complete rejection during nanofiltration.
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dissolving ultrafiltered sweet whey powders (by Reire srl, Reggio Emilia- 
Italy) and 85–90 % w/w aqueous lactic acid solutions (Fisher Scientific 
Italia, Milan-Italy) in demineralized water (5.0 μS/cm, pH 4.7). The 
concentration of lactose and electrolytes were adjusted by using 
α-monohydrate lactose (Carlo Erba Reagents srl, Milan-Italy) and so
dium chloride (Merck SpA, Milan-Italy). The quality and composition of 
these solutions were specifically tailored to serve as representative ex
amples of ultrafiltered and decalcified acid whey (see Fig. 1a)). Their 
formulation was designed to reflect the diversity of acid whey sources, 
accounting for the typical removal efficiencies of fats, proteins, and 
calcium during the pretreatment steps of microfiltration, ultrafiltration, 
and decalcification, respectively (Roselli et al., 2024). Since the solu
tions are derived from real whey, with adjustment mainly to lactic acid 
and calcium levels, they are complex multicomponent mixtures con
taining all the substances naturally present in the whey and closely 
mimic the physicochemical properties of a pretreated acid whey. The 
concentrations of lactose and lactic acid were kept close to the typical 
values of 30 and 4.3 g/L, respectively, resulting in quite similar values of 
the lactic acid to lactose ratio (LA/LT = 0.143–0.146 g/g) and lactose 
purity (79–81 %). The total minerals concentration was kept in the range 
of 2.4–2.8 g/L by varying the relative concentrations of monovalent and 
divalent ions; the pH was adjusted by adding NaOH. The detailed 
composition of the solutions used in the experiments are reported in 
Table 1 as “Feed” streams in each trial.

Two identical samples of spiral wound nanofiltration modules 
(DK1812, 12 inches module length and 1.85 inches diameter, 34 mil and 
87 % porosity feed spacer, 0.38 m2 nominal membrane area), manu
factured by Veolia Water Technologies Italia SpA (Milan, Italy), were 
tested. The modules were equipped with DK membranes, thin-film 
composite with a polyamide active layer supported on polysulfone, 
characterized by 150–300 Da MWCO and 98 % MgSO4 nominal rejec
tion (measured with 2000 ppm MgSO4 solutions at 25 ◦C and 7.6 bar). 
The DK membrane was identified as the optimal compromise in terms of 
high lactose rejection and high transmittance of lactic acid and elec
trolytes in (Roselli et al., 2024), to which the reader may refer for a more 
detailed analysis. The DK1812 spiral-wound module was selected based 
on the NF plant potential and the authors extensive experience with this 
module, which enabled the identification of optimal feed flow rate 
aimed at maximizing mass transport and reducing fouling (Bandini and 
Morelli, 2018; Domingos et al., 2022).

2.2. Experimental methods

The experimental campaign was conducted using a bench-scale 
nanofiltration system. A detailed description of the setup is available 
in Roselli et al. (2024); a schematic representation is provided in Fig. 2. 
During the NF step, the feed solution was continuously recirculated 
through the membrane module, while the permeate stream (PS) was 
collected in a dedicated tank; the final volume of the permeate collector 
corresponds to PNF in Fig. 1b). This configuration resulted in a gradual 
reduction of the feed volume over time, accompanied by an increase of 
the total concentration. During the DF step, the feed volume was kept 
constant by continuous addition of demineralized water at room tem
perature and pH 4.0, regulated by HCl addition; the water flow rate was 
regulated to match the value of the permeate flux (corresponding to PDF 
in Fig. 1b), with the permeate collected in a dedicated tank.

Each experiment was carried out by regulating the transmembrane 
pressure (TMP) to maintain a constant value of the average flux across 
the membrane. Tests were performed at nominal values ranging from 
8.6 to 30.0 L/(m2h), with various combinations of fluxes imposed during 
the NF and DF steps. A detailed description of the pressure regulation 
protocol is given in the Supplementary Information (Fig. S1). The oper
ating conditions of each experiment are summarized in Table 1. The flux 
range 8.6–30.0 L/(m2h) was selected considering the variation of solutes 
rejection and transmembrane pressure (TMP) with the flux and the total 
concentration in the feed side. In Roselli et al. (2024), it was demon
strated that the separation of lactic acid and lactose is favored when 
operating at low fluxes, and 8.6 L/(m2h) was considered as the mini
mum, industrially relevant value. Conversely, 30.0 L/(m2h) was here 
considered the highest average flux of industrial interest for spiral 
wound modules, taking into account both the need for a sufficiently high 
lactose and lactic acid rejection difference and the high pressure 
required to achieve a 3.5-fold concentration (Fig. S1).

Along the NF step, the TMP values were increased over time to 
compensate the increasing osmotic pressure caused primarily by the 
increasing concentration of lactose. In contrast, during the DF step, 
average fluxes were ensured simply by keeping constant values of TMP, 
as the lactose concentration remained relatively stable throughout this 
phase.

All experiments were performed under the most suitable operating 
conditions identified in our previous study (Roselli et al., 2024): the 
temperature was controlled at 50 ◦C and the feed pH was initially set at a 
value of 4 and monitored regularly without further adjustment. The 

Fig. 2. Schematic representation of the experimental set-up. Black solid lines = feed and retentate streams; blue solid line = permeate stream; red dashed line =
water addition in DF mode. (For interpretation of the references to colour in this figure legend, the reader is referred to the Web version of this article.)
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recirculation flow rate within the module was set at 600 L/h, corre
sponding to a superficial velocity of 0.36 m/s, calculated accounting of 
the feed spacer geometry according to the relationships reported in 
(Bandini and Morelli, 2018).

Membrane characterization followed standardized protocols (stabi
lization-acid/base cleaning-testing procedures) previously described in 
(Bandini and Morelli, 2017) and (Roselli et al., 2024). Both modules 
exhibited a hydraulic permeability of 9.65 ± 0.44 L/(m2 h bar) at 50 ◦C, 
highly consistent with the values obtained for other samples of the same 
type (Bandini and Morelli, 2018; Domingos et al., 2022; Roselli et al., 
2024). After each experiment, the module was rinsed with warm dem
ineralized water and subjected again to pure water permeation tests: no 
significant variations in hydraulic permeability were measured 
compared to the fresh membrane values, and no membrane deteriora
tion was observed over the entire experimental campaign. However, to 
assess fouling effects, long-term trials were performed with feed solu
tions identical to those used in the experimental campaign. The pro
cedure description and the results discussion are provided in the 
Supplementary Information, Section S2. Overall, they documented the 
absence of detectable permanent fouling capable of reducing process 
efficiency and suggested that it can be prevented by properly planning 
appropriate cleaning cycles.

Referring to the scheme of Fig. 2, samples from the feed side stream 
(FS), the instantaneous permeate (PS) and the permeate collector were 
taken and analyzed at regular intervals. Lactose and lactic acid con
centrations were measured using a Prominence Modular HPLC (Shi
madzu Italia s.r.l., Milan, Italy) equipped with an organic acid column 
(model ORH801, Sepachrom s.r.l., Milan, Italy) and a refractive index 
detector. The measurement accuracy was within 1.6 % for lactose and 
3.5 % for lactic acid. Electrolyte concentrations were measured by ion 
chromatography systems (Dionex™) purchased from Thermo Fisher 
Scientific Italia (Milan, Italy) with the maximum relative error ranging 
between 8 and 10 %.

3. Process parameters and relevant equations

The definition of process parameters follows the notation of Fig. 1b) 
and Fig. 2.

With the aim of developing a membrane process for lactose deacid
ification and demineralization, the main parameters required to char
acterize the separation efficiencies of both the individual subsequent 
steps (NF or DF) and the integrated process (NF + DF) are the “lactose 
purity” of the concentrate, the “lactose recovery yield”, the “lactic acid 
removal”, the “demineralization” (here referring to all electrolytes) and 
the “lactic acid to lactose ratio”, as defined in the relationships (1)–(5). 

lactose purity=
LT concentration

LT + LA + elecrolytes + fats + proteins concentration
(1) 

lactose recovery yield=
mass of lactose in the residual concentrate

mass of lactose in the initial feed
(2) 

lactic acid removal=
mass of lactic acid in the permeate collector

mass of lactic acid in the initial feed
(3) 

demineralization=
mass of electrolytes in the permeate collector

mass of electrolytes in the intial feed
(4) 

lactic acid to lactose ratio=
LA concentration in the residual concentrate
LT concentration in the residual concentrate

(5) 

The process parameters can be related to: 

i) the main process variables, such as Volume Concentration Factor 
(VCF) in the NF step and Volume Dilution Factor (VDF) in the DF 
step;

ii) the membrane parameters, such as the average flux, the instanta
neous rejections and the average rejections.

All the equations developed in the following, from Eq. (6) to Eq. (18), 
are collected in Table 2.

The VCF (Eq.(8)) is defined as the ratio between the initial volume of 
the solution in the feed side (VF) and the current volume of the solution 
in the concentrate at a given time (VRNF ). At any time, the total mass 
balance, Eq.(6), can be combined with the mass balance equation of the 
i-th specie, Eq.(7), in which ci,F represents the initial concentration in the 
feed. Consequently, the VCF can be finally obtained as reported in Eq. 
(8).

The VDF (Eq.(10)) is defined as the ratio between the total volume of 
water added at a given time (Vadded

water ) and the initial volume of the feed 
solution, which corresponds to the residual volume of the previous NF 
step (Vfinal

RNF
). When the DF is operated at constant volume in the feed side 

(as in this work), the volume of water added at any time is equal to the 
volume of permeate collected during the DF (VPDF ). By introducing the 
mass balance equation of the i-th specie in the DF step (Eq. (9)), the VDF 
can be finally obtained as reported in Eq. (10).

The evolution of VCF with time in NF (Eq. (8)) was calculated using 
the measured values of lactose concentration in the retentate and in the 
permeate collector, while the VDF (Eq. (10)) was obtained using the 

Table 2 
Relevant equations and parameters.

Mass balance and volume concentration factor equations for NF

VF = VRNF + VPNF (6)
VFci,F = VRNF ci,RNF + VPNF ci,PNF (7)

VCF =
VF

VRNF

=
ci,RNF − ci,PNF

ci,F − ci,PNF

(8)

Mass balance and volume dilution factor equations for DF ​

Vfinal
RNF

cfinal
i,RNF

= Vfinal
RNF

ci,RDF + VPDF ci,PDF
(9)

VDF =
Vadded

water

Vfinal
RNF

=
VPDF

Vfinal
RNF

=
cfinal

i,RNF
− ci,RDF

ci,PDF

(10)

Tranmembrane flux ​

Jv =
QP

Am 
QP = volumetric flow rate of the permeate stream out of the module 
Am = membrane area.

(11)

Instantaneous and average rejection of i-th component ​

RNF
inst,i = 1 −

ci,PSNF

ci,FSNF

; RDF
inst,i = 1 −

ci,PSDF

ci,FSDF

(12)

RNF
av,i = 1 −

ci,PNF

ci,F
; RDF

av,i = 1 −
ci,PDF

cfinal
i,RNF

(13)

Transmembrane pressure ​

TMP =
PIN + POUT

2
− Ppermeate

(14)

Removal of i-th component ​

REMOVALNF
i =

VPNF ci,PNF

VFci,F
=

VCF − 1
VCF

×
(

1 − RNF
av,i

) (15)

REMOVALDF
i =

VPDF ci,PDF

Vfinal
RNF

cfinal
i,RNF

= VDF×
(

1 − RDF
av,i

) (16)

Lactic acid – to – lactose ratio ​

LA
LT

⃒
⃒
⃒
⃒

NF

=
cLA,RNF

cLT,RNF

=
LA
LT

⃒
⃒
⃒
⃒

NF

initial
×

1 + RNF
av,LA(VCF − 1)

1 + RNF
av,LT(VCF − 1)

(17)

LA
LT

⃒
⃒
⃒
⃒

DF
=

cLA,RDF

cLT,RDF

=
LA
LT

⃒
⃒
⃒
⃒

DF

initial
×

1 − VDF
(

1 − RDF
av,LA

)

1 − VDF
(

1 − RDF
av,LT

) =
LA
LT

⃒
⃒
⃒
⃒

DF

initial
×

1 − REMOVALDF
LA

1 − REMOVALDF
LT

(18)
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measured values of lactic acid concentration in the retentate and in the 
permeate collector of the DF step.

The membrane performances can be described by the total trans
membrane volume flux (Jv), Eq. (11), and by the instantaneous re
jections (Rinst,i) defined in Eqs. (12). These rejections are calculated 
based on the solute concentration in the permeate stream (ci,PS) and in 
the feed stream (ci,FS), measured at the same time (see Fig. 2).

Additionally, the selective properties of the membrane are evaluated 
using the average rejections (Rav,i) introduced in Eqs. (13). These co
efficients are defined with respect to the initial conditions of each step, 
accounting for the concentration in the corresponding permeate col
lector. Average rejections are closely related to the instantaneous ones, 
as they reflect the cumulative effect of solute permeation through the 
membrane over time; in fact, they represent the mean of the instanta
neous rejection values. The average parameter is particularly relevant 
for process evaluation, since the average concentration in the permeate 
collector and the final concentration in the feed tank represent the actual 
conditions of the streams achievable in an industrial process. In addi
tion, average rejections are less sensitive to system fluctuations and are 
directly involved in the calculation of key process parameters (Eqs. 
(15)–(18)).

The Trans Membrane Pressure (TMP) value was calculated as re
ported in Eq. (14); “PIN” and “POUT” represent the pressure upstream and 
downstream the module, respectively, while Ppermeate is the pressure of 
the permeate stream, maintained at atmosferic pressure during the 
experiments.

The removal of an i-th solute in the NF and/or in the DF step can be 
calculated as a function of the corresponding average rejection accord
ing to Eqs. (15) and (16), which are obtained combining the definition of 
Eq. (3) with the corresponding relationships of VCF and VDF, reported in 
Eqs. (8) and (10), respectively.

The parameter REMOVAL is used to quantify the passage of lactic 
acid and each electrolyte species, allowing for the assessment of the 
degree of demineralization (see Eq. (4)). Additionally, it serves in the 
calculation of the lactose yield as defined in Eq. (2), since the yield is 
equal to (1-REMOVALLT). In the Results-and-discussion (section 4), the 
term “lactose loss” is used as synonym for “lactose removal” to quantify 
the extent of lactose transmittance across the membrane.

The degree of deacidification is additionally evaluated using the 
lactic acid to lactose ratio (LA/LT), as defined in Eq. (5), which can be 
correlated with the process parameters and the average rejection co
efficients of each step, by using the mass balance equations (7) and (9), 
as reported in Eqs.(17) and (18).

It is noteworthy that both the removal and the degree of deacidifi
cation are influenced by process variables and are strongly dependent on 
the relative values of the average rejections of lactic acid and lactose. 
Since the instantaneous rejection generally increases with flux, the same 
behavior can be anticipated for the average rejection; consequently, the 
removal of lactic acid is favored at lower flux values. Therefore, lower 
LA/LT values can be achieved by increasing the VCF and/or VDF, while 
simultaneously decreasing the transmembrane flux. Nevertheless, 
effective deacidification can only be achieved if the membrane shows a 
lower rejection for lactic acid compared to lactose.

3.1. Operation time and pumping energy

Since the integrated NF + DF process (Fig. 1b) is designed to utilize 
the same apparatus and the same membrane modules for both steps, 
operating under batch conditions, the NF step determines the overall 
apparatus dimensions once the operation time and feed volume have 
been set.

In general terms, the specific membrane area for the NF step (defined 
in Eq. (19)) is expressed as the membrane area (Atot) required to process 
a unit volume of feed solution (VF) during the NF operation time (ΔtNF) 
(Roselli et al. (2024)). 

specific area=
Atot

VF/ΔtNF
=

VCF − 1
VCF

×
1

< Jv>NF
(19) 

in which < Jv>NF denotes the average volume flux during the NF step. 
Apparently, the specific area depends solely on the VCF and the average 
flux. Once the membrane area has been defined, the time required for 
the NF step (ΔtNF) to process the volume VF can be calculated accord
ingly; as expected, ΔtNF decreases as the flux increases.

When the subsequent DF step is operated with the same equipment, 
the DF processing time (ΔtDF) can be calculated as indicated in Eq. (20), 
again normalized to the unit volume of feed solution (VF): 

ΔtDF =
VF

Atot
×

VDF
VCF

×
1

< Jv>DF
(20) 

in which < Jv>DF represents the average flux maintained during the DF 
operation.

In an industrial membrane system employing spiral wound modules, 
the total membrane area is typically distributed according to a series/ 
parallel configuration, as indicated in Eq. (21): 

Atot =NhNmA1m (21) 

where Nh denotes the number of housings in parallel and Nm represents 
the number of modules of area A1m installed in each housing. As is well 
known, the parameter Nm is a design variable strictly linked to the 
operating conditions, and is determined by the maximum allowable 
pressure drops within a housing.

The total energy consumption of the integrated process comprises 
several components, including module feed pumping, feed solution 
heating, dilution buffer circulation and other minor utilities, such as 
clean-in-place operations. Since many of these components are common 
across the different configurations analyzed in this work, the compari
son focuses on the pumping energy required for the NF + DF system. For 
completeness, the energy required to recover the DF water via reverse 
osmosis must also be included.

The minimum energy requirement for pumping in the nanofiltration 
unit is calculated according to Eq. (22), at 100 % pump efficiency: 

EMIN
pump =Qrec × ΔPpump × Δt,ΔPpump = PIN − Psuction (22) 

where Δt is the operation time, Qrec is the recirculation flow rate and Δ 
Ppump represents the pressure difference across the pumping station. 
When both the pump suction (Psuction) and the pressure of permeate 
stream (Ppermeate) are approximately at the same value, ΔPpump can be 
calculated as indicated in Eq. (23), which accounts for the pressure 
drops along a module (ΔPdrop) and relates the inlet pressure of the 
housing to the TMP (as indicated in Eq.(14)): 

ΔPpump =TMP +
1
2
NmΔPdrop (23) 

The minimum pumping energy requirement per unit volume of feed 
to the NF step is then obtained by combining Eqs. (21)–(23) with the 
corresponding operation time (ΔtNF) derived from Eq. (20): 

EMIN
pump

VF

⃒
⃒
⃒
⃒
⃒
NF

=
Q1m

rec
NmA1m

×

[

TMPNF +
1
2
NmΔPdrop

]

×
VCF − 1

VCF
×

1
< Jv>NF

(24) 

In which Q1m
rec denotes the recirculation rate required by a single housing, 

corresponding to the feed flow rate of each module.
Similarly, by combining Eqs. (19)–(22), the energy demand for the 

DF step can be obtained: 

EMIN
pump

VF

⃒
⃒
⃒
⃒
⃒
DF

=
Q1m

rec
NmA1m

×

[

TMPDF +
1
2
NmΔPdrop

]

×
VDF
VCF

×
1

< Jv>DF
(25) 

As can be readily observed, the pumping energy demand decreases 
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significantly with increasing number of modules per housing and 
average flux.

In section 4.3, the energy demand will be calculated for a NF + DF 
process operating with industrial modules, following the scale-up cri
terion detailed in the Supplementary Information.

Finally, the energy requirement for the reverse osmosis (RO) unit can 
be calculated using Eq. (26): 

Epump

VF

⃒
⃒
⃒
⃒
RO

= ŴRO ×
VDF
VCF

(26) 

where ŴRO represents the specific energy consumption per unit volume 
of permeate. This value can be reasonably estimated from literature 
data, typically ranging between 0.5 and 2 kWh/m3 of permeate (Ismail 
et al., 2019).

4. Results and discussion

All results discussed herein refer to the experimental conditions 
associated with tests A, B and C, as detailed in Table 1.

4.1. Membrane performance: average rejections

For the characterization of membrane performance, a detailed 
analysis of instantaneous rejections is reported in Section S3 of the 
Supplementary information, where the trends as a function of flux and 
concentration are presented. Given the close relationship between the 
meaning of instantaneous and average rejections, similar qualitative 
insights can be drawn to explain the observed trends and will be dis
cussed in this section with reference to the average rejections.

The trends in the observed average rejections of lactose and lactic 
acid, calculated according to Eqs. (13)-Table 2, are presented in Figs. 3 
and 4.

As expected for nanofiltration membranes, the average rejection 
increases with total volumetric flux (i.e., from trial A to C). However, 
lactose and lactic acid exhibit different concentration-dependent 
behaviors.

Lactose rejection (Fig. 3) consistently exceeds 99 % and appears 
largely unaffected by solute concentration, particularly under high 
permeate fluxes (trial C), in line with existing literature (Bouchoux et al., 
2005; Mohammad et al., 2010; Bandini and Morelli, 2017; Roselli et al., 
2024). Conversely, the average rejection of lactic acid (Fig. 4) is 

substantially lower than that of lactose and is strongly influenced by the 
acid concentration. As the lactic acid concentration decreases from 6.6 
g/L to 1.3 g/L, the rejection increases significantly from 22 to 67 % 
(Fig. 4b). This behavior aligns with prior studies on lactic acid and 
volatile fatty acids and is commonly attributed to an effect of the surface 
membrane charge (Bouchoux et al., 2005; Tottoli et al., 2020, 2024).

Since the process is carried out at constant pH and temperature, the 
dependence of lactic acid rejection on concentration can only be 
explained by assuming the presence of a membrane charge affecting 
lactate ion rejection. Given that pH 4 is very close to the isoelectric point 
of the DK membrane, the contribution of fixed charge can be considered 
negligible, while any residual charge can be attributed to adsorption 
phenomena, both specific and non-specific, occurring mainly at the 
feed/membrane interface (Bruni and Bandini, 2008; Szymczyk et al., 
2010). Additionally, the dissociated lactic acid could contribute to 
determine the membrane charge; however, the presence of a complex 
mixture of electrolytes, including calcium and magnesium, further 
complicates the prediction of the charge sign, as these cations can 
reverse it through counter-ion site binding mechanisms. Nevertheless, it 
is well established that the absolute value of membrane charge typically 
increases with the total equivalent concentration, according to a 
Freundlich behavior (Bowen and Mukhtar, 1996; Silva et al., 2016). If 
the charge is negative, there is a favorable Donnan partitioning of so
dium and potassium (the monovalent counterions) which increases with 
the absolute value of the membrane charge, that is, with the total con
centration. As a consequence, the lactate is transported across the 
membrane in competition with chloride ions to equilibrate the electro
neutrality of the permeate, resulting in the decrease of the lactic acid 
rejection with increasing concentration. Conversely, if the charge were 
positive, Donnan partitioning would be favorable for the negative 
counter-ions, resulting again in the decrease of the lactic acid rejection 
with the concentration; the transport of the lactate ions always occurs in 
competition with chlorides, which in turn would drag along the smaller 
monovalent cations.

Notably, the effect of the competition between chlorides and lactate 
ions appears to be particularly pronounced during diafiltration ((Fig. 4b) 
and S4b - Supplementary Information). In this case, with the addition of 
the dilution water at pH 4, chloride ions are continuously introduced. 
This seems to amplify the competition with chloride, resulting in a 
higher lactic acid rejection as dilution proceeds, or, equivalently, as its 
concentration decreases. Obviously, a clearer comprehension of the 
mechanisms involved might be obtained by dedicated zeta-potential 
measurements.

This aspect can play a critical role for defining the optimal process 
conditions. Indeed, as anticipated in the theoretical background (section 
3), the distinct rejection values of lactose and lactic acid under compa
rable conditions are the basic requirement for the preferential removal 
of lactic acid over lactose. However, given that lactic acid rejection in
creases significantly upon dilution, even at low fluxes (trial A), the 
progressive removal of the acid may result in a gradual decrease of the 
deacidification rate, thus preventing the achievement of the desired 
level of deacidification.

4.2. The role of flux on process efficiency

The impact of permeate flux on process performance is analyzed in 
Figs. 5 and 6. Fig. 5 presents the concentrations of lactose and lactic acid 
in the retentate and permeate collector during the NF and DF steps, as 
functions of the process variables VCF and VDF, respectively. Fig. 6 il
lustrates the lactic acid removal, lactose loss, and the corresponding 
lactic acid to lactose ratios in the retentates.

Due to the very high lactose rejection of the DK membrane, lactose 
concentration in the NF retentate exhibits a linear increase with VCF 
(Fig. 5a). The overlapping curves confirm that rejection remains nearly 
complete and the effect of permeate flux on rejection is minimal (Fig. 3). 
Similarly, lactose concentration in the constant-volume DF retentate 

Fig. 3. Average rejections of lactose in the NF step vs. lactose concentration in 
the retentate. Operating conditions of trials A, B, C are reported in Table 1.
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remains relatively stable as VDF increases, attributable to consistently 
high rejection values (Fig. 5b). A modest flux-dependent effect is 
observable in the permeate concentration, where lactose levels slightly 
decrease as flux increases (Fig. 5c and d). Nevertheless, lactose loss in 
the permeates remains very low across all flux values (Fig. 6a and b). 
The worst case corresponded to a total lactose loss of 1.81 %, with a 
lactose recovery of 98.2 %, achieved at NF and DF fluxes of 8.6 and 9.0 
L/(m2⋅h), respectively (trial A), and with a maximum VDF of 1.81. 
Conversely, the best case showed a lactose recovery yield of 99.6 %, 
operating at nearly 30 L/(m2⋅h) in both NF and DF (trial C), with a VDF 
of 2.01.

Fig. 6 further highlights the relevant role of flux in determining the 
deacidification efficiency. Equivalent lactic acid removal can be ach
ieved by operating with different combinations of flux (Fig. 6a and b), 
resulting in the same LA/LT ratio at different VCF and VDF values 
(Fig. 6c and d). As discussed in Eqs. (19) and (20), the LA/LT ratio de
creases with increasing VCF and/or VDF, depending on the relative 
average rejection of the species, which in turn is strongly influenced by 
the flux (Figs. 3 and 4). Notably, increasing the average flux in the DF 
step has a more significant impact on deacidification efficiency than 
increasing the flux in the NF step. Operating NF + DF at 8.6 + 9.0 L/ 
(m2h) (trial A) and at 15.0 + 9.9 L/(m2h) (trial B) produces comparable 
results up to VDF values of 2.34, showing that no significant effects are 
observed in the range from 9 to 15 L/(m2h). Conversely, operating NF +
DF at 30.0 + 29.0 L/(m2h) (trial C) achieves the same deacidification 
only by substantially increasing VDF and thus water consumption. 
Although the primary objective of this study is to ensure an LA/LT ratio 
below 0.030 g/g, evidence shows that the lowest LA/LT ratio of 0.013 g/ 
g was achieved by operating NF + DF at 15.0 + 9.9 L/(m2h) up to a VDF 
of 2.34 (trial B), corresponding to 91.4 % total lactic acid removal.

Referring to the process illustrated in Fig. 1b–Table 1 specifically 
summarizes the characteristics of the associated streams and the values 
of the main parameters, aiming to achieve an LA/LT ratio of 0.030 g/g in 
the retentate of the DF step. Fig. 7 shows the effectiveness of the cor
responding demineralization. The lactose concentration in the final 
retentate ranged from 99.5 to 105.1 g/L, with a lactose purity greater 
than 92 %. Meanwhile the lactic acid concentration varied from 2.90 to 
3.1 g/L. Operating at 29.0 L/(m2h) in DF required increasing the VDF up 
to 1.68 (trial C) to obtain lactic acid removal comparable to trials A and 
B, which had VDF values of 0.91 and 0.96, respectively. Consequently, 
the water demand increased significantly from 0.26 L to 0.49 L per liter 
of feed to the NF unit.

The beneficial effects of higher fluxes in the DF step are primarily 
evident in the enhanced lactose recovery yield (up to 99.6 %) and 
similar demineralization, which allows for very high lactose purity (95 
%). Although electrolyte rejection typically increases with flux, only a 
slight decrease in the removal of monovalent electrolytes is observed 
from trial A to trial C when operating in the NF concentration step 
(Fig. 7). The higher rejection of these electrolytes at increasing fluxes in 
Trials B and C compared with Trial A is offset by the different initial 
concentration and by the higher dilution ratio achieved in the DF stage, 
consequently resulting in a similar overall removal. Additionally, the 
removal of bivalent cations and sulphate is minimal, consistent with the 
separation efficiency typically observed for the DK membrane, which 
strongly retains multivalent ions due to electrostatic and steric hin
drance. For phosphate, which at pH 4 exists predominantly as the 
monovalent species H2PO4

− , removal appears more sensitive to feed 
concentration. Overall, the NF step is responsible for the higher elec
trolyte removal (from 56 to 61 %), while the DF serves as a final pol
ishing step, contributing an additional 15–25 %. The removal of 
monovalent electrolytes, always favored by a lower steric partitioning, 
accounts for more than 95 % of the overall demineralization. Conse
quently, all trials exhibited similar demineralization efficiencies, which 
were essentially independent of transmembrane flux, due to the intrinsic 
correlation between flux and dilution factor in the DF stage. Given the 
high rejection by the DK membrane, the removal of multivalent elec
trolytes (particularly calcium) through suitable and dedicated pre
treatment steps upstream of NF, such as the precipitation process 
proposed in this study, is crucial. The total permeate is relatively rich in 
lactic acid, contains modest amounts of electrolytes, and exhibits very 
low residual lactose. Specifically, the lactic acid concentration in the 
permeate ranges from 3.64 g/L in trial A to 2.80 g/L in trial C due to the 
higher dilution factor. Notably, the lactic acid purity varies from 61.0 % 
to 56.0 %, and the total electrolyte content ranges from 1.90 to 2.10 g/L.

Finally, a photographic documentation of the samples obtained 
during the experimentation is reported in Fig. S5 of the Supplementary 
Information.

4.3. Final discussion and energy demand

Altogether, the experiments have clearly demonstrated that pro
cessing with nanofiltration a feed stream containing lactose and lactic 
acid (resulting in LA/LT ratios of 0.143–0.146 g/g) requires an addi
tional DF step to reach the target ratio of 0.030 g/g. The impact of the DF 

Fig. 4. Average rejections of lactic acid vs. the concentration in the retentate of: a) NF, b) DF. Operating conditions of trials A, B, C are reported in Table 1.
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step on the overall process obviously depends on the VCF achieved in the 
NF step, as increasing the VCF reduces the required VDF. However, 
extrapolation of the data in Fig. 6c) suggests that achieving an LA/LT 
ratio of 0.030 g/g with the NF step alone could require very high VCF 
values, and, consequently, very high operating pressures.

When operating at a fixed VCF in the NF step, the degree of 
deacidification and demineralization achievable in the DF step depends 
on the VDF and the combination of average fluxes in both steps, which in 
turn determine the average relative rejections of lactose and lactic acid 
(see Eq. (20)). Using spiral wound DK membranes at pH 4.0 and 50 ◦C, 
improved lactose purity, yield, and demineralization are observed when 
operating at average fluxes of 15–30 L/(m2h), as compared to 9 L/(m2h). 
In contrast, the desired level of deacidification can only be achieved by 
employing higher VDF values, which significantly increase water con
sumption compared to the requirement at 9 L/(m2h). Furthermore, 
increasing the permeate flux inevitably results in higher operating 
pressures. Therefore, to draw meaningful conclusions, an estimate of the 

associated energy requirements is necessary.
To make reasonable estimates, the experimental data obtained with 

the lab module (DK1812) were scaled-up to simulate the performance of 
industrial spiral wound modules. The DK400 module (37.2 m2 nominal 
membrane area, 40 inches long, 4 inches diameter, 34 mil feed spacer, 
manufactured by Veolia Water Technologies & Solutions) was selected 
for this purpose.

The scale-up strategy is detailed in the Supplementary Information, 
where the method for determining the maximum number of modules per 
housing is also described. The methodology is based on the criterion that 
a single housing, comprising DK400 modules in series, should operate 
under hydrodynamic conditions equivalent to those in the DK1812 
module, ensure the same average flux values and achieve the same VCF 
levels. Accordingly, the DK400 module was assumed to operate at a 
recirculation rate of 17.6 m3/h and within a pressure range equivalent to 
the TMP values maintained in the experimental campaign with the 
DK1812 module (Fig. S1 - Supplementary Information).

Fig. 5. Process performances in NF + DF steps during the experimental campaign, as a function of VCF and VDF. Concentration of lactose and lactic acid: a) in NF 
retentate, b) in DF retentate, c) in NF permeate and d) in total permeate. Operating conditions of trials A, B, C are reported in Table 1.

R. Onesti et al.                                                                                                                                                                                                                                   Journal of Food Engineering 407 (2026) 112851 

9 



A single housing unit was considered sufficient to ensure reasonable 
operation times. Pressure drops of 1 bar/module were assumed, 
consistent with values reported in the literature for analogous systems 
(Wagner, 2001), and the maximum number of modules per housing was 
estimated accordingly. It was observed that, to ensure proper module 
performance, the number of modules connected in series should vary 
with the average flux in the NF step, ranging from 1 to 3 when operating 
at 8.6 and 30.0 L/(m2h), respectively. These values align well with 
typical NF configurations used in food applications, where 1 to 4 mod
ules per housing are commonly employed (Wagner, 2001).

Operation times and pumping energy required to treat 1 m3 of feed to 
the NF step were calculated according to the relationships given in Eqs. 
(21), (22) and (26)-(27). A specific energy consumption of 1.5 kWh/m3 

of permeate was adopted for the RO step (Eq.(28)) as a conservative 
estimate, given the similarity of the solution properties to those of 
brackish water. The results are summarized in Fig. 8, for operating 
conditions corresponding to trials A to C (Table 1), at a target LA/LT 

ratio of 0.030 g/g.
The energy consumption in the NF and DF steps decreases substan

tially with increasing average permeate fluxes. Despite higher TMP 
values at elevated fluxes, the significantly shorter operation times result 
in energy savings of up to 80 % when operating at 30 + 29 L/(m2h) (trial 
C), compared to 8.6 + 9.0 L/(m2h) (trial A). However, the relative 
contribution of the DF step to the total energy demand increases with the 
average flux. At 8.6 + 9.0 L/(m2h) (trial A), the DF step accounts for 37 
% of the total energy consumption of the NF + DF process, to give an 
additional 24.4 % deacidification compared to the NF step. At 30 + 29 
L/(m2h) (trial C), the DF step accounts for 52 % of the total energy use to 
ensure additional 31.4 % lactic acid removal. Nonetheless, the corre
sponding increase in water consumption has a limited impact on the 
overall energy balance, as the RO step contributes no more than 20 % to 
the total energy requirement.

The energy requirements are significantly lower than those reported 
by Talebi et al. (2020), who claimed a consumption of approximately 11 

Fig. 6. Process performances in NF + DF steps during the experimental campaign, as a function of VCF and VDF. a), b) Total removal of lactic acid and lactose loss 
during NF and DF. c),d) LA/LT ratio in the retentates of NF and DF. 
Operating conditions of trials A, B, C are reported in Table 1.
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kWh/m3 for treating the ultrafiltration permeate of acid whey via an 
integrated nanofiltration/electrodialysis process. Their process achieved 
a lactose concentration of 134 g/L with an LA/LT ratio of 0.032 g/g. In 
that study, nanofiltration was operated solely in concentration mode 
(VCF between 3.5 and 4.0 at 20 bar), and the electrodialysis step 
accounted for 27–30 % of the total energy demand. Other authors re
ported even higher energy consumptions when using electrodialysis as a 
standalone process; for example, Chen et al. (2016) reported values 
around 12.5 kWh/m3, excluding the additional energy needed for 
lactose concentration.

A key distinction, however, lies in the operating temperatures: while 
those studies were conducted under ambient conditions, our process 
requires additional energy to heat the solution to 50 ◦C. Achieving 
equivalent fluxes without heating would require significantly higher 
operating pressures, resulting in nearly a 30 % increase in energy con
sumption, as noted by Nilsson et al. (2008). However, the process may 
still yield a favorable energy profile compared to the scenarios described 
by Talebi et al. (2020) and Chen et al. (2016). However, operating at 
lower temperatures might result in more severe biofouling problems and 
require increasing the frequency of cleaning cycles.

An additional comment concerns the variability of whey composition 
and its effects on the process parameters VCF and VDF required to 

achieve the targets. Whey composition may vary depending on the 
source, season, and efficiency of pretreatments. When operating within 
the concentration ranges analyzed in this article, the average rejections 
reported in Figs. 3 and 4 allow estimation of the VCF and VDF values 
required to reach the desired degree of deacidification. When operating 
outside these ranges, however, an experimental investigation is recom
mended to measure lactic acid rejection in the new range. Indeed, while 
lactose rejection is essentially independent of concentration and can 
therefore be estimated with sufficient accuracy using the average re
jections shown in Fig. 3, this is not the case for lactic acid, whose average 
rejection depends on its concentration as well as on the concentrations 
of monovalent and multivalent electrolytes. In general, when the initial 
lactic acid concentration is higher, an increase in the VDF required to 
achieve the desired deacidification can be expected. However, this will 
be partly offset by the lower rejection associated with the higher con
centration, which allows a higher lactic acid removal rate in the initial 
phases of the DF step. Conversely, in case of lower initial concentrations 
of lactic acid, the designer must take into account the higher rejection of 
this solute and not assume a priori a reduction of the VDF required to 
reach the targets.

5. Conclusions

This experimental study has demonstrated the technical feasibility of 
purifying and concentrating lactose from the permeate of ultrafiltered 
acid whey by means of a two-step concentration-diafiltration nano
filtration process, operating in a wide range of transmembrane fluxes. 
The effects of the flux on process performance are investigated in terms 
of quality and quantity of the produced streams, as well as energy and 
water consumption. Process efficiency was evaluated to quantify the 
removal of lactic acid and monovalent electrolytes from a stream pre
viously subjected to decalcification via alkalinization.

The main objectives of a lactic acid to lactose ratio lower than 0.030 
g/g, lactose purity greater than 90 %, and demineralization greater than 
70 % were successfully achieved by operating under various combina
tions of average fluxes in both steps. However, high levels of deminer
alization and deacidification were attainable only through an optimal 
balance between increasing the VCF during the concentration step and/ 
or the VDF during the diafiltration step and reducing the average 
transmembrane flux.

The optimal conditions at pH 4.0 and 50 ◦C are expected to fall be
tween 15 and 30 L/(m2h) for both steps. This range represents a 
favorable trade-off between higher capital expenditure, associated to the 
increased number of modules allowable to operate the concentration 
unit at 30 L/(m2h), and the corresponding reduction in specific energy 
requirement (3.1 kWh/m3 of feed). Conversely, the energy cost associ
ated with recovering the higher water consumption (0.49 m3/m3 of 
feed) accounts for only approximately 20 % of total energy demand.

Notably, the energy consumption in the nanofiltration unit decreases 
with an increasing number of modules per housing, identifying this 
parameter as a relevant design quantity. These findings highlight the 
need for a comprehensive techno-economic assessment of the integrated 
process, which should account for both capital and operating expendi
tures, including those associated with the final reverse osmosis step. 
Accordingly, further development and detailed process design are 
essential to support definitive conclusions. This analysis must also take 
into account the fate of the lactic acid and electrolyte-rich stream pro
duced by reverse osmosis, whose water recovery efficiency for diafil
tration will depend on whether the goal is to minimize water 
consumption or to facilitate lactic acid recovery for further valorization 
of this by-product.

However, a key conclusion of this study is that the primary advan
tage of the proposed configuration lies in the ability to operate con
centration and diafiltration with the same nanofiltration equipment, 
thereby avoiding the need for additional operations such as ion ex
change and/or electrodialysis systems, although a preliminary 

Fig. 7. Demineralization efficiency to achieve LA/LT = 0.030 g/g. Operating 
conditions of trials A, B, C are reported in Table 1.

Fig. 8. Minimum pumping energy (NF + DF + RO) per unit volume of feed to 
the nanofiltration unit to achieve LA/LT = 0.030 g/g; number of modules per 
housing in the nanofiltration unit and operation times. Operating conditions of 
trials A, B, C are reported in Table 1.
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decalcification of the ultrafiltration permeate remains necessary. 
Moreover, the potential recovery of lactic acid from the total permeate 
represents an additional source of revenue, which could contribute to 
enhancing the overall economic efficiency and sustainability of the 
proposed process.
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