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Abstract 

The production of pure hydrogen from methane or biomethane is a multistep process that can 

be intensified by the use of membrane reactors. In this study we have synthetized by 

microemulsion technique Rh and Pt supported over Ce0.5Zr0.5O2 to be applied to the catalytic 

methane oxy-reforming and water gas shift (WGS) reaction respectively. At first the reformate 

produced by the reforming process at 750°C was purified using and hydrogen selective empty 

Pd-based membrane operated at 400°C. This led to pure hydrogen production but it resulted 

also in a not-fully exploitation of the membrane performances. Thus, the Pt-based catalyst was 

loaded in the membrane reactor configuration leading to in situ hydrogen production that 

helped to increase the separation driving force. The water gas shift reaction downstream oxy-

reforming was also studied on the Pt/Ce0.5Zr0.5O2 catalyst and evidenced the consumption of 

hydrogen by methanation at high H2/H2O ratio. Comparing the WGS membrane reactor with 

a classical fixed bed demonstrated that removing hydrogen led to increased CO conversion 

over the equilibrium of an analogous fixed bed, higher H2 yield and suppression of the 

methanation reaction, even at high inlet H2/H2O ratio. Optimizing the reaction conditions 

allowed to reach high hydrogen recoveries (89%) for the integrated oxy-reforming/membrane 

water gas shift at high GHSV and without the need of a sweep gas.  
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1. Introduction 

Hydrogen is a molecule that will play a crucial role in the transition toward a more sustainable 

and cleaner scenario [1,2]. The possibility of efficient conversion in electricity through fuel 

cells, make it a versatile energy storage system and energy carrier for the future, sustainable 

economy [3]. For this reason hydrogen became part of the “Hydrogen strategy for a climate-

neutral Europe”, which aims to use green hydrogen to substitute fossil fuels in the energy sector 

[4]. Hydrogen production from water electrolysis has been mainly addressed as a trending topic 

on the long term. However, other forms of low carbon hydrogen will be needed on the short 

term to reduce current emissions and sustain the future development of green hydrogen. Fuel 

cells will be the main finalizers of hydrogen production, converting it to ready to use electricity. 

However, pure hydrogen must be produced for such applications as carbon monoxide 

impurities (> 10 ppm) can poison the Pt catalyst of PEM fuel cells [5]. At date, industrial scale 

hydrogen is mainly produced by steam reforming, which is an endothermic reaction that occurs 

between methane (or, seldom, another hydrocarbon) and water to produce synthesis gas 

(syngas), is a mixture of hydrogen and carbon monoxide (Scheme 1) [6]. 

CH4 + H2O  3H2 + CO    (Scheme 1) 

The endothermic nature of this reaction, results in processes that need to operate at high 

temperature (> 850 °C) to gain an acceptable conversion and that shows a high difference in 

temperature between the catalytic bed and the walls of the reactor. To produce pure hydrogen, 

syngas must be further processed. The reforming outlet is submitted to the water gas shift 

reaction (WGS) that consumes carbon monoxide and water to give carbon dioxide and 

hydrogen (Scheme 2) reducing the CO amount and increasing hydrogen yield. 

CO + H2O  H2 + CO2              (Scheme 2) 

The reaction is slightly exothermic and not influenced by pressure. Thus, on an industrial scale 

high pressures can be employed. However, to reach high conversions, two WGS reactors are 



usually needed [7]. The first reactor operates at a higher temperature (300-400°C) and employs 

cheaper catalysts pursuing most of the CO conversion, while the second one is used to further 

increase conversion at lower temperatures (200-250°C)[8]. Following the water gas shift 

reactors, the unreacted CO is completely removed by preferential oxidation (PROXY) which 

involves the following reactions (Schemes 3 and 4) [9]. 

CO + 0.5 O2  CO2    (Scheme 3) 

H2 + 0.5 O2  H2O    (Scheme 4) 

Finally, carbon dioxide is removed by means of pressure swing adsoption (PSA). Given the 

high capital cost of the different reactors employed, the system is economically viable only on 

large scales. The four steps cited above, namely high and low temperature WGS, PROXY and 

PSA, could be reduced to a single step process if a WGS membrane reactor is employed. This 

consists in a reactor whose walls are selectively permeable to hydrogen [5,10]. With such a 

setup a pure hydrogen stream can permeate through the membrane, while the other gases 

(unreacted carbon monoxide, carbon dioxide, steam and methane) are left in the main stream 

[11]. Moreover, as hydrogen is constantly removed from the reaction environment, conversions 

can be increased above the equilibrium that would occur in an analogous fixed bed reactor 

thanks to the Le Chatelier’s principle [12].  

Palladium membrane reactors are the most performing systems for these kinds of applications, 

given the high hydrogen permeability and selectivity of this material [13]. Moreover, Pd is 

active and stable in the purification of hydrogen form syngas and other components between 

350°C and 500°C, which are well compatible with water gas shift operating temperature [5]. 

Some studies have been conducted on WGS membrane reactors using different catalysts and 

reaction conditions [5,14–16]. The presence of a membrane reactor allowed to reduce the 

number of steps for hydrogen purification using both commercial and laboratory-produced 

catalysts providing high CO conversions and hydrogen yields [5,17–23]. Nevertheless, some 

investigations are still missing to further favor the development of the WGS membrane reactor 

technology. Analyzing the current literature it can be noted that: (i) few data are reported 

regarding the occurrence of methanation reaction in fixed bed compared to membrane reactors 

[5,20,23]; (ii) some work analyze the membrane reactor performances at low pressures (up to 

3 bars) although an increase to 10 bars can increase the hydrogen recovery and membrane 

performances [5,18,23,24]; an inert sweep gas is often used to favor permeation, decreasing 

the hydrogen partial pressure at the permeate, but this adds a cost to the process [5,18,20,23]; 



(iv) most of the works use ideal WGS feeds or simulated feeds, while the combination of lab-

scale reforming coupled with WGS membrane reactor is not envisioned [5,21]. Here, these 

missing concepts were unrevealed by performing the WGS reaction in both fixed bed and WGS 

membrane reactor both coupled with a reforming reactor which provided the real feed for the 

catalytic tests. The tests were carried out at different pressures, up to 10 bars and with no sweep 

gas, and the effect of the membrane reactor configuration on the conversion of CO, hydrogen 

yield and methane selectivity was unfolded. As purification is driven by the difference in partial 

pressure between the two sides of the membrane [5], classical steam reforming was not the best 

option for the coupling with WGS membrane reactors, as the presence of high amount of 

unreacted steam would dilute hydrogen concentration decreasing the membrane performances. 

A better suit is found in methane oxy-reforming. This process, already reported by our research 

group [25–27], combines steam reforming with catalytic partial oxidation, an exothermic 

reaction that occurs between oxygen and methane to produce syngas (Scheme 5). 

CH4 + 0.5O2  2H2 + CO (ΔH0298 = -38 kJ mol-1)  (Scheme 5) 

When the two processes are combined, the thermal energy needed for the steam reforming is 

provided by partial oxidation of the energy needed for the steam reforming is given by the 

exothermic oxidation [25]. Moreover, the process is suitable for small scale operation making 

the use of bio-methane viable. In addition, oxy-reforming employs oxygen and water in sub-

stoichiometric ratios which allows to operate at lower temperatures (750°C) than steam 

reforming, and avoids product dilution by over-stoichiometric steam, producing a stream rich 

in hydrogen, which could be fed to an empty membrane, a fixed bed WGS reactor or a WGS 

membrane reactor operating at 400°C for the purpose of this study. This temperature is optimal 

for Pd membranes as CO adsorption on Pd occurs below 350°C and reduces permeation while 

membrane stability lowers over 550°C due to pinhole formation[5]. As all the reagents are 

added at the reforming inlet and the pressure of the two reactors is the same, this work may 

help to understand how the operative variables can influence the overall process, a concept that 

is usually forgotten in literature. Further integration has been carried out by synthetizing and 

applying the catalysts for the oxy-reforming and WGS reactions. In particular, cerium-based 

oxides, that showed high activity in both reforming and WGS reactions, have been employed 

as supports [5,25,28–33]. In particular, previous studies showed that a microemulsion 

synthetized Rh-Ce0.5Zr0.5O2 catalyst was highly active and stable for the oxy-reforming  

reaction also thanks to the carbon removal properties of the support synthetized in this way 

[25]. To avoid carbon formation in the membrane reactor and over the WGS catalyst, this 



support was chosen also for the WGS catalyst and impregnated with Pt, an active phase that 

was selected for its activity and stability toward sintering and carbon formation itself [20,34]. 

Particular attention was given to show the mechanism of the methanation reaction (Scheme 6) 

over different catalyst in a WGS fixed bed reactor and the effect that hydrogen removal during 

the membrane reaction operation has on methane formation compared to a fixed bed reactor.  

CO + 3H2  CH4 + H2O    (Scheme 6) 

Finally, the operative conditions of the processes were optimized to maximize hydrogen 

production and purification. The results of this study uncover the potentiality of the WGS 

membrane reactor process when coupled with real, variable reaction feeds and help to gather 

further understand of the methanation reaction mechanism over Pt-Ce0.5Zr0.5O2, which will 

help to study custom strategy to avoid it in both membrane and fixed bed reactors.  

 

2. Experimental 

2.1. Catalyst preparation 

The Ce0.5Zr0.5O2 support was prepared following an already reported synthetic procedure 

[25,35]. The Zr4+ (precursor: zirconium (IV) oxynitrate hydrate– ZrO(NO3)2x6H2O – 99.00%, 

Sigma -Aldrich) and Ce3+ (precursor: cerium (III) nitrate hexahydrate – Ce (NO3)3x6H2O – 

99.99%, Sigma-Aldrich) were dissolved in water. This aqueous solution was mixed with a 

solution of n – heptane (solvent, 99.00% – Sigma-Aldrich), hexanol (co-surfactant, 99.00% – 

Sigma-Aldrich), and a non – ionic surfactant (Triton X-100, 99.00% – Sigma-Aldrich). The 

obtained microemulsion was mixed with another emulsion of heptane, hexane, Triton X and a 

tetramethylammonium hydroxide pentahydrate (TMAH = (CH3)4NOHx5H2O, 97.00% – 

SigmaAldrich) aqueous solution. The mixture was stirred for 4 h, then filtrated, washed with 

methanol, and dried at 120 °C overnight. The obtained powder was finely grinded and calcined 

at 750 °C at a rate of 2 °C/min and kept at that temperature for 5 h. Metal deposition to obtain 

the catalyst was pursured by incipient wetness impregnation. 

The oxy-reforming catalyst was obtained by impregnation of a Rh precursor (Rh (III) nitrate 

solution ∼10 wt% Rh in > 5 wt.% in HNO3 – Sigma Aldrich) aqueous solution to obtain a 

catalyst with a metallic Rh loading of 2.7%wt/wt. The water gas shift catalyst was obtained by 

impregnation of a Pt precursor (Tetraammineplatinum(II) nitrate 99.995% – Sigma Aldrich) 

aqueous solution to obtain a catalyst with a metallic Pt loading of 2.0%wt/wt. After drying at 



100 °C for 2 h, the catalysts were calcined at 500 °C (ramp rate of 2 °C/min) for 5 h. Finally, 

the calcined powders were shaped in pellets with a granularity range between 30-60 mesh.  

2.2. Catalyst characterization 

To characterize the powders obtained in terms of structure and crystalline phase composition, 

X – ray diffraction (XRD) analysis was carried out using a Philips PW1050/81 diffractometer 

equipped with a graphite monochromator in the diffracted beam and controlled by a PW1710 

unit (Cu Kα, λ = 0.15418 nm). A 2θ range from 20° to 80° was investigated at a scanning speed 

of 40°/h. 

Specific surface area was determined using an automatic ASAP 2020 Micromeritics 

sorptiometer and analyzed using a software operating standard BET and BJH methods. The N2 

gas was a 99.999% pure and all the samples tested were pre-outgasses at 150 °C and 30 mmHg, 

kept 30 min at this temperature and finally heated up to 250 °C and maintained again at this 

temperature for 30 min, in order to eliminate all the impurities that can be absorbed on the 

surface of the sample. 

A TEM/STEM FEI TECNAI F20 instrument was used to analyse the morphology and metallic 

nanoparticles size distribution of the reduced catalysts. 

Raman analyses at ambient temperature were carried out with 514 nm Ar+ laser excitation 

(Renshaw RM1000 spectrometer) coupled with a Leica DMLM microscope and a CCD 

camera. 

A Micromeritics Autochem 2920 instrument equipped with TCD detector was used to carry 

out temperature programmed reduction (TPR) and oxidation (TPO) as well as the carbon 

dioxide temperature programmed desorption (CO2-TPD). The catalysts were firstly heated to 

150°C with flowing He (30 mL/min). After cooling at 50 °C the TPR, TPO or CO2-TPD were 

performed. In TPR 30 mL/min of 5% H2/Ar were sent over the sample, while the temperature 

was increased up to 950 °C at 10 °C/min, then kept at 950 °C for 30 min. He was then flushed 

and the temperature was reduced to 50 °C. Then, TPO was performed analogously but using 

5% O2/He (30 mL/min) up to 950 °C. 

Temperature programmed desorption of CO2 (CO2-TPD) was carried out in the same 

Micromeritics Autochem II instrument. After the He pre-treatment at 500 °C, the sample was 

cooled down and saturated at 60 °C with 10% CO2/He, then purged for 1 h with helium at the 

same temperature to remove the weakly physisorbed molecular probe. Finally, the temperature 

https://www.sciencedirect.com/topics/chemical-engineering/temperature-programmed-desorption


was raised under helium flux (30 mL/min) from 60 °C to 900 °C at 10 °C/min and the desorbed 

carbon dioxide was detected by the TCD detector.  

2.3. Membrane preparation 

2.3.1. Pd-based membrane  

Asymmetric porous α-Al2O3 tubes provided by INOPOR, Germany, were used as substrate for 

the deposition of Pd-based thin films [36]. The alumina tube had a length of 13.0 cm, an internal 

diameter of 0.7 cm and an external one of 1.0 cm. It was coated in the inner part with Pd 

forming a 2 µm thin membrane having a length of 10.0 cm, a diameter of 0.7 cm, that resulted 

in a membrane area of 21.98 cm2. The ceramic support was firstly cleaned using purified 

isopropanol and dried at 120°C for 1 h. A Pd thin film was then deposited on these tubular 

substrates by EPD (Electroless Plating Deposition) method, consisting of two main consecutive 

steps: (i) Pd-based nanocrystals (seeds) are created on the membrane surface (seeding or 

activation step), and then (ii) deposition of a Pd layer occurs by reduction of Pd ions present in 

an aqueous solution in contact with the inner part of the alumina tube using the electrons 

generated in the reduction of hydrazine over the Pd-based nanocrystals. 

The seeding procedure to deposit Pd-nanocrystals on the inner walls of the alumina tube was 

the following: preparation of two solutions, i.e., an HCl aqueous solution (0,1N) containing 

2wt % PdCl2 (solution A) and an aqueous solution (2M) of hydrazine (solution B). The alumina 

tube, protecting the external side with Parafilm®, was immersed in solution A for 5 min. After 

washing with distilled water, the tube was immersed in solution B for 5 min and then washed 

with distilled water. The latter cycle was repeated eight times. The amount of Pd deposited on 

the support is commonly in the range 10-12 mg.  

Electroless plating of the activated alumina tube was carried out by immerging it into a well 

stirred plating bath containing Pd salt, EDTA, NH4OH and hydrazine. The whole system was 

placed in a thermostated chamber maintained at 30°C, adding 1.6 ml of N2H4 (1M) dropwise 

(rate 200 µL/h). The membrane was kept 8 h under stirring and then washed with distilled 

water and dried at 110°C (2 h). The chemical composition of the optimized plating bath 

solution is given in Table 1. 

A second Pd membrane was prepared following the procedure described above, then a layer of 

porous titanium silicalite (TS-1) was deposited by a two-step procedure, the pre-seeding with 

TS-1-nanocrystals by dip-coating, and a secondary growth.  The detailed procedure was 



described in a previous work where more details about the preparation, characterization and 

membrane properties are reported [37].  

Table 1. Composition and reaction conditions of the plating bath in the preparation of Pd 

membrane by Electroless Plating 

PdCl2                                      5 g/l 

EDTA 40 g/l 

NH4OH (25%wt.) 290 ml/l 

N2H4 (1M) 10 ml/l 

pH 11 

Bath temperature 30 °C 

Time 8h 

2.3.2. Permeability tests 

Permeability tests of membranes were made using a stainless-steel reactor earlier described 

[38]. The membrane reactor was placed in an electrical furnace and heated to the desired 

temperature. A K-type thermocouple within the membrane tube was used to control the 

temperature during the permeation experiments. The gases were introduced into the reactor 

using a calibrated multi-channel mass-flow controller. The inlet feed was connected to the inner 

side of the membrane and the permeated gases were measured on the outer side of the 

membrane, at atmospheric pressure. The pressure in the inner side of the tube was monitored 

via a digital pressure controller. The permeation behaviour of the membrane was measured 

with pure H2 and N2 at 400°C.  Tests were made analysing the permeate flux as a function of 

time at fixed temperature and transmembrane pressure differential. 

A stable behaviour on the permeate flux is typically observed after about half hour, then the 

pressure differential across the membrane is increased (ΔP in the 0.5–5 bar range) and the 

permeate flux was monitored again as a function of time-on-stream. The following test protocol 

was used: (i) first the N2 permeability at 400°C was evaluated in order to evidence the eventual 

presence of defects in the Pd membrane; then (ii) the H2 permeability at the same temperature 

was determined.  

2.3.3. Membrane properties (Permeability tests) 



The permeate N2 flow at 400°C was negligible in a range ΔP in the 0.5–5 bar range, ensuring 

a defect-free membrane. The permeate side was connected to the microGC Agilent 490 and no 

N2 was detected (LOD, Limit of detection 4 ppm).  Then, the membrane was tested for H2 

permeability at the same temperature. H2 permeation results are reported in Figure 1 for both 

the membranes investigated. Concerning the Pd membrane the results indicate that the 

permeation rate of H2 was directly proportional to ΔP0.5 with a permeance, given by the slope 

in Figure 1, of 32.21 ml*cm-2*min-1*bar-0.5. On the other hand, a clear deviation from the 

linearity is observed for the Pd/TS-1, where a good fitting is obtained with n=0.7 [37]. In the 

latter case the n value affects the H2 permeance which is lower, 28.19 ml*cm-2*min-1*bar-0.7. 

The good linearity and fitting of the data using a value of n=0.5 indicated that the rate 

controlling step was the bulk diffusion through the Pd layer. While a different mechanism was 

observed for the Pd/TS-1 membrane as described in a previous work [37]. Here, the use of 

Pd/TS-1 membrane is used to avoid the direct contact between the catalyst and the Pd layer, 

that has been demonstrated to be easily deactivated by forming Pd-Alloy that lower the 

separation performances of the Pd membrane. In our case the TS-1 is used as a porous 

protective layer and, although affecting the H2 permeance, the H2 permeate flux remained still 

high. Only a slight decrease is observed for the TS-1/Pd membrane which can be attributed to 

the resistance of the Pd-TS-1 interface. 

 

Figure 1. H2 flux as a function of differential pressure (n=0.5) at 400°C for the Pd- and Pd/TS-

1- membrane 

2.4. Catalytic tests 

2.4.1.  Oxy-reforming operation 



The oxy-reforming catalytic tests were carried out in a continuous reactor composed of a 

tubular INCOLOY 800HT tube with a length of 500 mm and an internal diameter 10 mm, 

which was placed in a furnace. A sliding thermocouple was used to control the temperature of 

the catalytic bed. The thermocouple could slide inside a stainless-steel tube. The catalyst (0.5 

cm3) was loaded into the reactor and were reduced a 500 ml flow of an H2/N2 (10:90 v/v) gas 

mixture at 750 °C for 12 h. Methane and oxygen were fed using mass flow meters and their 

flux was checked by bubble fluxmeters. A JASCO HPLC pump was used to feed water which 

was fully vaporized before mixing with preheated O2. The wet gaseous outlet mixture 

composed by H2, CO, CO2, non-converted CH4 and vapor was alternatively sent to the WGS 

unit or analysed by feeding it to a condenser maintained at about 0 °C in order to eliminate 

water vapor before the gas chromatography. The Micro GC was composed by two columns: a 

20 m long MS5A (carrier: N2), which was used to analyse hydrogen and a 1 m long COx 

column (carrier: He) which detected CH4, CO and CO2. Both modules were equipped with a 

TCD detector. The CEA-NASA software was used to calculate the outlet composition of the 

stream at the thermodynamic equilibrium. Table 2 reports the oxy-reforming conditions 

employed to generate the WGS inlet mixture. 

Table 2: Oxy-reforming reaction conditions over Rh-CZO catalyst and produced outlet fed to 

the WGS reactor, empty membrane or WGS membrane reactor. 

Oxy-reforming  Water Gas shift produced inlet 

Oven 

temperature 

(°C) 

O/C 
GHSV 

(h-1) 

Pressure 

(atm) 
S/C  H2 CO CH4 CO2 H2O S/DG 

750 0.21 

30000 
3 

1  53 17 9 8 13 0.4 

1.5  49 14 6 8 23 0.8 

2  45 11 5 8 32 1.3 

5 1.5  42 12 9 8 29 1.0 

100000 

3 1  42 12 15 9 22 0.6 

5 

1  45 11 14 9 21 0.6 

1.5  40 8 12 10 30 1.0 

2  38 7 10 10 35 1.3 

840 0.21 100000 10 1.5  45 13 7 8 27 1.0 

 



2.4.2. Hydrogen separation with an empty membrane 

The oxy-reforming outlet (Table 2), was firstly fed to an empty Pd membrane, heated at 400°C. 

Both nitrogen and hydrogen permeability of the membrane was checked before and after each 

catalytic test to assess the stability of the membrane properties. After reaching 400°C flowing 

N2 (≈ 500 mL/min) inside the membrane, the permeate flow was quantified and analysed while 

increasing the pressure in the retentate side by steps of 0.5 atm to exclude nitrogen 

permeability. Then, the same procedure was followed feeding an H2 flow rate of 2250 mL/min, 

measuring at each pressure the permeate flow rate and the retentate one. The membrane 

permeability was calculated with the Sieverts-Fick law. 

𝐽𝐽𝐻𝐻2 =
𝑃𝑃𝑃𝑃𝐻𝐻2(𝑝𝑝𝑛𝑛𝐻𝐻2, ret −  𝑝𝑝𝑛𝑛𝐻𝐻2, perm)

δ
 

where JH2 is the permeated flux (ml*cm-2min-2), PeH2 is the permeability of hydrogen (ml*cm-

1*min-1*bar-n), pH2,ret and pH2,perm are the partial pressures of hydrogen at the retentate and 

permeate side respectively (bar) and δ is the thickness of the palladium layer (cm). 

Once the permeability was assessed, hydrogen separation was performed by submitting the 

oxy-reforming outlet, which was previously analyzed, to the empty membrane. Both retentate 

and permeate flux were analyzed and quantified with fluxmeter and Micro GC. The membrane 

performances were evaluated in terms of hydrogen recovery (RH2). which was calculated as 

follows: 

𝑅𝑅𝐻𝐻2 =
100 ∗ 𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐻𝐻2, perm

𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐻𝐻2, perm + 𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐻𝐻2, ret
 

2.4.3. Water gas shift reactor and membrane reactor operation  

The WGS tests were carried out in a fixed bed reactor or in a membrane reactor to which the 

oxy-reforming outlet (Table 2) was fed. For both reactors 2,2 cm3 (3.41 g) of catalyst were 

charged after mixing with quartz (used to avoid heat transfer problems), so that the catalyst 

was evenly distributed over the length of the reactor. The reactor was heated through the use 

of electric ceramic bands controlled by a thermocouple connected to a temperature controller. 

Table 2 shows the reaction conditions employed. These are the consequence of the oxy-

reforming conditions to which they are strictly related. Thus, the WGS feed composition is not 

the same for all tests but depends on the conditions employed in the oxy-reforming. 



The parameter taken in account to compare the oxy-reforming results was methane conversion 

(XCH4), while those used for WGS were carbon monoxide conversion (XCO), methane 

selectivity (SCH4), carbon dioxide selectivity (SCO2) and hydrogen yield (YH2) which were 

calculated as follows: 

𝑋𝑋𝐶𝐶𝐶𝐶4 =
100 ∗ (𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶4, in −  𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶4, out)

𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶4, in
 

𝑋𝑋𝐶𝐶𝐶𝐶 =
100 ∗ (𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶, in −  𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶, out)

𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶, in
 

𝑆𝑆𝐶𝐶𝐶𝐶4 =
100 ∗ (𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶4, out −  𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶4, in)

𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶, in −  𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶, out
 

𝑆𝑆𝐶𝐶𝐶𝐶2 =
100 ∗ (𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶2, out −  𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶2, in)

𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶, in −  𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶, out
 

𝑌𝑌𝐻𝐻2 =
100 ∗ (𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐻𝐻2, out −  𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐻𝐻2, in)

𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐶𝐶𝐶𝐶, in
 

Moreover, reaction rates of water gas shift and methanation were calculated as follows: 

𝑟𝑟𝑊𝑊𝑊𝑊𝑊𝑊 =
𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 𝑜𝑜𝑜𝑜 𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 𝐶𝐶𝐶𝐶2

𝑠𝑠 ∗ 𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 𝑜𝑜𝑜𝑜 𝑃𝑃𝑃𝑃
 

 

𝑟𝑟𝑀𝑀𝑀𝑀𝑀𝑀ℎ𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 =
𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 𝑜𝑜𝑜𝑜 𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 𝐶𝐶𝐶𝐶4

𝑠𝑠 ∗ 𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 𝑜𝑜𝑜𝑜 𝑃𝑃𝑃𝑃
 

 

A membrane reactor could be substituted to the WGS fixed bed reactor and fed with the oxy-

reforming outlet. A scheme of the laboratory plant is depicted in Figure 2. The reactor was 

charged with 2.2 cm3 (3.41 g) of catalyst and heated to the desired temperature.  

The catalytic tests in the membrane reactor setup were carried out by feeding the oxy-reforming 

outlet to the membrane reactor, after it was quantified and analysed with the Micro GC. The 

permeate and retentate outlets were alternatively analysed with the same instrument and the 

fluxes were quantified with a fluxmeter. The membrane performances were evaluated in terms 

of hydrogen recovery (RH2).  



 

Figure 2: Process flow diagram of the laboratory plant comprising the oxy-reforming reactor 

followed by the membrane reactor. 

 

3. Results  

3.1. Catalyst characterization 

A Ce0.5Zr0.5O2 (CZO) mixed oxide was produced by microemulsion synthesis and then 

impregnated with Rh or Pt to produce the oxy-reforming and water gas shift catalysts 

respectively (Rh-CZO and Pt-CZO). The microemulsion technique was exploited in previous 

studies to obtain such support and was selected as it is able to give some peculiar properties to 

the support [25,35,39–42]. First, it leads to the formation of a Ce0.5Zr0.5O2 mixed oxide with a 

1:1 ratio between Ce and Zr as confirmed by XRD analysis shown in Figure 3, without any 

segregated Ce-rich or Zr-rich phases [25]. This phase has been shown to have a higher oxygen 

storage capacity compared to other CeZr oxides, a property that helps both catalytic activity 

and stability [25].  



 

Figure 3: XRD analysis of the Ce0.5Zr0.5O2 obtained by microemulsion.  

Second, the microemulsion acts as a templating agent leading to the formation of oxide 

nanospheres as observed by TEM analysis (Figure 4) with a surface area of 49 m2/g, which 

also favours, after incipient wetness impregnation of the metal precursor the dispersion of the 

metallic active phase and the formation of well-dispersed Rh or Pt nanoparticles, as it was also 

confirmed by TEM analysis of the Rh and Pt impregnated supports (Figure 4). For these 

reasons, the Rh and Pt impregnated Ce0.5Zr0.5O2 obtained by microemulsion, were selected as 

suitable catalysts for the oxy-reforming and water gas shift reactions respectively.  



 

Figure 4: TEM analyses of the Rh and Pt impregnated and reduced on Ce0.5Zr0.5O2 (Rh-CZO 

and Pt-CZO). 

The Ce0.5Zr0.5O2 support was further characterized by Raman analysis, temperature 

programmed reduction (TPR) and oxidation (TPO) and carbon dioxide temperature 

programmed desorption (CO2-TPD) and the results are reported in Figure 5. Raman analysis 

shows the presence of a main cubic phase, represented by the main band at 465 cm-1 and a 

distorted phase that yields the bands at 300 cm-1 and 625 cm-1 [43]. This consists in the so-

called t’’ phase which is obtained by the distortion of oxygen in a tetragonal fashion inside a 

cationic cubic structure. The presence of this phase can be obtained when Zr is inserted in the 

ceria framework [25,43].  

Temperature programmed desorption of CO2 was carried out to probe and quantify the amount 

of basic sites. The sample showed the presence of a desorption peak at low temperature, which 

is consistent with what has been reported in literature [44–46], indicative of weak basic sites 

(0.060 mmol CO2/g). 

Temperature programmed reduction and oxidation were carried out on the bare support as well 

as the Rh and Pt impregnated catalyst, before reduction. The redox properties of the support 



and Rh-based catalysts have been recently reported by our group [42]. In particular, the ceria-

based support displays one broad reduction peak in TPR, around 680°C. The presence of a sole 

reduction peak evidences the homogeneous reducibility of the support thanks to the 

introduction of Zr and the creation of a mixed oxide phase [42,47]. The reduction temperature 

decreased upon addition of Rh and Pt. This was consistent with the high reducibility of noble 

metals, as well as their contribution to the reduction of Ce0.5Zr0.5O2 by hydrogen spillover form 

the metal to the support surface [25,42,48–50]. Rh-Ce0.5Zr0.5O2 in fact yielded one broad 

reduction peak around 100°C indicating a homogeneous reduction of Rh oxide and 

Ce0.5Zr0.5O2 and a smaller one at 250°C resulting from the reduction of less reducible Ce 

present in the bulk of the sample [42]. On the opposite, the Pt-based catalysts showed the 

presence of two peaks at 130°C and 438°C respectively. The former is due to the reduction of 

Pt and surface Ce, while the latter to the reduction of bulk ceria, harder to reduce. Nevertheless, 

both reductions occur at a lower temperature than the bare support, supporting the occurrence 

of hydrogen spillover that helped the reduction of the support.  

The presence of a sole peak was also observed during TPO of the support as well as of the Rh 

and Pt based catalysts with all peaks present at low temperature, around 120-130°C and 

indicating than both metal and support oxidations easily occur.  

 

Figure 5: Raman and CO2 temperature programmed desorption (CO2-TPD) of the on 

Ce0.5Zr0.5O2 support (CZO) and temperature programmed reduction (TPO) and oxidation 



(TPO) carried out on the bare support (CZO) and after impregnation with Pt and Rh (Pt-CZO 

and Rh-CZO). 

3.2.Oxy-reforming followed by an empty membrane for hydrogen separation. 

This work aims to produce pure hydrogen from methane via a two-step process involving an 

oxy-reforming reactor for methane conversion with oxygen and steam operating at 750°C and 

a membrane for hydrogen separation at 400°C. The oxy-reforming process was selected for its 

intrinsic characteristics that met the requirement for efficient hydrogen separation with 

membrane, which is driven by the difference in hydrogen partial pressure between the retentate 

(to be separated) and permeate (separated) side. This implies that concentrated and pressurized 

hydrogen streams lead to more efficient separation. As recalled in the introduction oxy-

reforming, nicely suits these requirements, being conducted with low S/C and O/C ratios. 

Moreover, catalyst optimization and screening were already conducted in previous studies 

[25,27], which led to the selection of the Rh/Ce0.5Zr0.5O2 catalyst for this process. 

At first, an empty membrane was placed after the oxy-reforming unit to purify the hydrogen 

produced in the reforming step and the outlet streams were analysed both before the membrane 

(oxy-reforming outlet) and after it (both permeate and retentate sides). Table 3 reports methane 

conversion given by the oxy-reforming catalyst under different conditions and hydrogen partial 

pressure depending on total pressure and GHSV obtained analysing the oxy-reforming outlet. 

The tests were conducted at 3 and 5 bars to allow the obtainment of a hydrogen partial pressure 

above 1 atm inside the membrane, allowing permeation. In fact, as no sweep gas was used in 

this work and H2 pressure at the permeate side is 1 atm at steady state, it must be remembered 

that values of partial pressures above 1 atm must be present in the retentate to allow permeation.  

The performances of the reforming process were evaluated by methane conversion and 

generated hydrogen partial pressure at the membrane inlet while the membrane performances 

were shown as hydrogen recovery and permeated hydrogen flux.  

Table 3: Results of the oxy-reforming catalytic tests carried out at different conditions on 

Rh/Ce0.5Zr0.5O2 followed by an empty membrane reactor.  

Oxy-reforming operative 

conditions 

750°C, S/C=1 O/C=0.21 

XCH4 

(%) 

XCH4 

eq. 

(%) 

H2 

partial 

pressure 

retentate 

H2 

partial 

pressure 

Pure H2 

flux 

(ml/min) 

Hydrogen 

recovery 

(%) 



inlet 

(atm) 

permeate 

(atm) 

24000 h-1, 3 atm 77 77 1.7 1.0 113 69 

100000 h-1, 3 atm 54 70 1.3 1.0 193 38 

24000 h-1, 5 atm 67 67 2.6 1.0 134 81 

100000 h-1, 5 atm 53 62 2.1 1.0 356 69 

 

The Rh/Ce0.5Zr0.5O2 catalyst employed in the reforming process was able to provide high 

methane conversion approaching the equilibrium in all the investigated conditions. This 

allowed to obtain high hydrogen production which resulted in partial pressures as high as 2.6 

atm at lower GHSV (24000 h-1) and 5 atm. 

The performances of the membrane highly depended on the oxy-reforming operative 

conditions which affected not only the hydrogen permeation but also the reaction. At 24000 h-

1 and 3 atm a hydrogen recovery of 69% was obtained as consequence of the high methane 

conversion favoured by low GHSV and pressure. Increasing the GHSV, lower hydrogen 

pressure (1.3 atm) was developed as conversion dropped due to low contact times and the 

reaction was not able to reach the equilibrium. Pure hydrogen flux was higher thanks to the 

high amounts of fluxes involved but the hydrogen recovery dropped to 38%, with most of the 

hydrogen being left in the retentate.  

Increasing total pressure to 5 atm, raised hydrogen partial pressure which boosted hydrogen 

recovery to 81% and 69% at 24000 and 100000 h-1 respectively. Thus, the best results were 

obtained at 24000 h-1 and 5 atm, showing relatively high conversion and hydrogen recovery. 

However, at 5 atm, the retentate hydrogen partial pressure at the retentate end of the membrane 

was 1.00 under all conditions, which was equal to that at the permeate side. As separation is 

driven by the difference between these two values this indicates that permeation occurred at its 

maximum extent and that, probably, this value was reached before the membrane exit. This 

suggests that part of the membrane was inactive and did not contribute to separation as it was 

not subjected to any driving force. Thus, hydrogen production was holding back hydrogen 

purification due to a relatively low hydrogen concentration compared to the highly efficient 

separation performances of the membrane.  

Increasing the oxy-reforming catalyst activity, hence hydrogen production in that step, is not a 

viable option to raise permeation because the conversion already reached the equilibrium under 



the best conditions. Nevertheless, the Pd membrane operates at 400°C which is an ideal 

temperature for the WGS reaction.  

For this reason, it was decided to load the membrane with a water gas shift catalyst, in a 

membrane reactor (MBR) configuration, to concurrently increase hydrogen production and 

separation.  

3.3. Water gas shift reaction in a fixed bed reactor 

The fixed bed reactor was charged with Pt-CZO, which was selected as the WGS catalyst. The 

effect of GHSV, H2O/CO and total pressure was studied. The effect of the H2O/CO ratio was 

investigated at various conditions and showed significantly different results based on the 

GHSV and the pressure employed. It must be noted that steam is fed to the reforming reactor 

and not directly to the WGS one. Thus, the H2O/CO depends on the different S/C (H2O/CH4) 

fed to the oxy-reforming and the catalytic activity of this process such as steam conversion and 

CO production. In general, the higher the S/C the higher the H2O/CO ratio. Moreover, as the 

methane oxy-reforming inlet flux was kept constant while the steam amount was increased in 

the tests at different S/C (hence H2O/CO), the GHSV will be partially increased at higher 

H2O/CO, as total flux raised.  Figure 6 shows the effect of H2O/CO at low GHSV (10000-

13000 h-1) and pressure (3 atm) and at high GHSV (32000-41000 h-1) and pressure (5 atm) on 

equilibrium and experimental CO conversion, methane and carbon dioxide selectivities and 

hydrogen yield. 



 

Figure 6: effect of H2O/CO on CO conversion, methane and carbon dioxide selectivity and 

hydrogen production on Pt-CZO at low GHSV and 3 atm (A) and high GHSV and 5 atm (B). 

Equilibrium CO conversion calculated on WGS reaction only. The oxy-reforming reactor was 

fed with a S/C of 1; 1.5 and 2 respectively resulting in a H2O/CO of 1.13; 1.56; 1.96 for the 

tests at low GHSV and 3 atm (A) and in a H2O/CO of 1,94; 3.04 and 4.24 for the tests at high 

GHSV and 5 atm (B) 

At low values of H2O/CO (1.13), pressure and GHSV (Figure 6A), a high CO conversion was 

obtained which decreased with increasing H2O/CO. This is not consistent with the occurrence 

of the water gas shift reaction alone. In fact, this reaction should be favoured when the steam 



amount is increased as steam is indeed a reagent for the water gas shift reaction. It is thus 

unexpected to observe a conversion fall at higher H2O/CO. A better understanding of the whole 

process can be obtained by looking at the values of methane and carbon dioxide selectivities 

and reaction rates (Table 4) and hydrogen yield. In fact, at low H2O/CO (1.13), a negative 

hydrogen yield, hence a hydrogen consumption, is obtained with high methane rate and low 

CO2 one. This can be explained by the occurrence of methanation in place of WGS. Thus, if 

high contact times (lower GHSV) are employed with low H2O/CO the methanation reaction is 

favoured over WGS. However, methanation can be inhibited by increasing the H2O/CO ratio, 

as steam is both a reagent of WGS and a product of methanation. This in fact also results in an 

increase of the inlet H2O/H2 ratio, favouring water gas shift over methanation. This is 

confirmed by the increase of CO2 selectivity and H2 yield observed at higher H2O/CO (and 

thus H2O/H2) showing a hydrogen production rather than consumption at H2O/CO of 2.96. 

The observed decrease in CO conversion at higher H2O/CO can be ascribed not due to a 

decreased occurrence of WGS but to the inhibition of methanation. At higher GHSV and 

pressure (5 atm, Figure 6B), methanation occurs to a lower extent even at the lower H2O/CO 

1.94, as shown by the low methane selectivity and reaction rate (Table 4) and the effect of 

steam on the WGS reaction is evident, with an increase in hydrogen production and CO 

conversion. It must be noted that here the H2O/CO and H2O/H2 are higher compared to the 

tests carried out at lower GHSV, as the oxy-reforming S/C was kept constant, and a lower 

methane and steam conversion at high GHSV resulted in higher H2O/CO and H2O/H2 at the 

WGS reactor inlet. In general, the obtained results show that the unwanted methanation 

reaction is favoured at low GHSV (higher contact times) and with low steam concentration. 

Thus, to favour WGS over methanation the S/C at the reforming inlet was set to 2 and the effect 

of GHSV was further investigated by performing the reaction at different flow velocities. A 

S/C of 2 was selected to favour the WGS activity. This led to a lower methane selectivity with 

an increasing CO conversion and hydrogen production (Figure 7) suggesting that the WGS is 

a faster reaction than methanation. However, it must be noted that changing the GHSV also 

resulted in an increased H2O/CO that contributed to inhibiting methanation.  

In general, these results suggest that in a coupled process of oxy-reforming followed by WGS 

operated in the conditions of the present work it is advisable to feed a higher amount of steam 

and working at higher GHSV so that WGS is favoured over methanation contributing to 

hydrogen productivity.  



 

Figure 7: effect of GHSV at 3 atm on CO conversion, methane and carbon dioxide selectivity 

and hydrogen production on Pt-CZO. Equilibrium CO conversion calculated on WGS reaction 

only. The oxy-reforming reactor was fed with a S/C of 2. 

Finally, the effect of pressure was investigated at low GHSV and high H2O/CO, obtained by 

feeding the oxy-reforming with a S/C of 2 (Figure 8). A slight increase in methane selectivity 

was observed when the pressure was raised from 3 to 5 atm as the methanation reaction 

produces a decrease in the moles number between reagents and products and is thus favoured 

at higher pressures. However, hydrogen yield was also increased because of the improved 

kinetic of the catalyst given by the increase of partial pressures of the reagents. Moreover, the 

pressure increase also affected the reforming step, lowering the methane and steam conversion 

and thus increasing the H2O/CO from 2.96 to 3.80 for the test at 5 atm. This also contributed 

to favour the WGS reaction leading to higher hydrogen yield.  



 

Figure 8: effect of total pressure on CO conversion, methane and carbon dioxide selectivity 

and hydrogen production on Pt-CZO at 30000 h-1 and S/C 2. Equilibrium CO conversion 

calculated on WGS reaction only. The oxy-reforming reactor was fed with a S/C of 2. 

Table 4: water gas shift and methanation reaction rates obtained in the WGS test carried out 

on Pt-CZO in the fixed bed configuration. 

WGS operative conditions  rWGS (molCO2/(s*molPt) rMeth. (molCO2/(s*molPt) 

Effect of H2O/CO (Figure 6A)    

400°C, 10000 h-1, 3 atm, H2O/CO=1.13  59 307 

400°C, 12000 h-1, 3 atm, H2O/CO=1.56  217 91 

400°C, 13000 h-1, 3 atm, H2O/CO=2.96*  258 43 

Effect of H2O/CO (Figure 6B)    

400°C, 32000 h-1, 5 atm, H2O/CO=1.94  576 7 

400°C, 37000 h-1, 5 atm, H2O/CO=3.04  663 30 

400°C, 41000 h-1, 5 atm, H2O/CO=4.24  650 28 

Effect of GHSV (Figure 7)    

400°C, 13000 h-1, 3 atm, H2O/CO=2.96 *  258 43 

400°C, 44000 h-1, 3 atm, H2O/CO=4.47  660 16 

Effect of pressure (Figure 8)    

400°C, 13000 h-1, 3 atm, H2O/CO=2.96 *  258 43 

400°C, 12000 h-1, 5 atm, H2O/CO=3.80  208 43 

 



The catalytic tests carried out in the fixed bed WGS reactor showed how, the occurrence of 

methanation can be detrimental, especially in certain conditions (low GHSV and low 

H2O/CO). In light of the obtained results and in order to get further insights into the role that 

the membrane reactor can have on the WGS and methanation selectivity, it is important to 

discuss the reaction mechanism involved in these catalytic processes. In particular, when a 

reformate mixture is further converted with the aim of hydrogen production three main 

reactions can occur: the desired water gas shift reaction and the undesired CO and CO2 

methanation. The water gas shift reaction mechanism depends not only on the reaction 

conditions but also on the type of catalyst employed and different pathways have been proposed 

[51–56]. For Pt/CeO2 catalysts two main pathways are considered for WGS called the redox 

and associative mechanisms [51,57–59]. During the redox mechanism CO adsorption occurs 

on the surface of Pt, followed by its diffusion toward the metal-support interface, where it 

reacts with the mobile O of the cerium oxide to give CO2. The reduced Ce3+ site is then 

regenerated by steam dissociation, which also contributes to H2 formation. In the associative 

mechanism, water dissociation on the support leads to the formation of -OH groups that leads 

to the formation of a formate reaction intermediate after reaction with CO adsorbed on Pt [51]. 

Kalamaras et al. actually showed by steady-state isotopic transient kinetic analysis and transient 

isotopic experiments that the actual mechanism is a combination of the two, where CO 

adsorbed on Pt leads to the formation of a formate intermediate with the labile oxygen of the 

cerium oxide. This formate transforms then in carbon dioxide leaving an oxygen vacancy over 

the support that is re-oxidized by steam, leading also to H2 production [51]. In all cases the 

active site for CO association is given by Pt surface while water interacts with the support. 

Carbon monoxide methanation is as well described by two mechanisms that involve the CO 

adsorption on metal surface, namely the associative and dissociative mechanisms [60]. The 

former regards the hydrogenation of adsorbed CO by adsorbed H (Hads) obtained by hydrogen 

dissociative chemisorption occurring on the metal surface as well. The latter involves the 

dissociative chemisorption of CO to adsorbed C and O followed by their hydrogenation by Hads 

[61]. In this case both reagents, i.e. CO and H2, are dissociated on metallic sites. 

Finally, CO2 methanation have been reported to undergo two possible mechanisms, dependent 

on the employed catalyst, and they are again called associative or dissociative mechanism [62–

67]. In associative one, carbon dioxide adsorbs on the support as a formate and reacts with Hads 

that has been chemisorbed over the metallic surface and reaches the metal support interface by 

spillover. After different hydrogenation steps methane is produced. On the other hand, CO2 



produces an adsorbed carbonyl intermediate in the dissociative route from dissociation over 

the metal. The carbonyl then reacts with Hads to give methane. The main difference between 

the two mechanisms is that support sites participate to the associative mechanisms. As already 

recalled the mechanism involved depends strongly on the catalysts and different authors have 

shown that the associative one is the preferred pathway on metal supported CeZr oxides due to 

the contribution of the support in formate formation [68,69].   

Summing up the consideration made over the mechanisms involved the main differences 

between the three reactions regard the active sites and the co-reagent for CO conversion. WGS 

requires H2O as co-reagent, metal active sites for CO adsorption and support sites for H2O 

conversion; CO methanation occurs over the metal for both CO and hydrogen adsorption, the 

latter acting as co-reagent. Methanation involved the adsorption of hydrogen co-reagent as well 

over the metal, while CO2 interacts with the support. Thus, the extent of the reactions is driven 

by the availability of the active sites which is also dependent on the relative concentration of 

the reagents. In fact, high steam concentrations provide a high reoxidation of the reduced ceria 

sites favouring CO oxidation to CO2 and hydrogen production. On the opposite high hydrogen 

concertation would saturate the metal sites, competing with CO adsorption or favouring its 

reduction leading to methane formation. This is confirmed by the values of the relative 

concentration of steam and hydrogen reported in Figures 6, 7 and 8, which shows how methane 

selectivity is decreased at high H2O/H2 ratios. When the H2O/H2 increases from 0.34 to 0.40 

and then 0.71 due to a raise in the H2O/CO inlet (Figure 6A), a sudden drop in methane 

selectivity was observed as the presence of a more oxidative environment and of higher 

concentrations of water favoured the reoxidation of ceria by the latter, supporting the WGS 

reaction mechanism [51]. The Ce0.5Zr0.5O2 support indeed plays a crucial role in supporting 

the WGS mechanism by providing oxygen to the adsorbed CO thanks to its oxygen storage and 

oxygen release properties. These are well known properties for these kind of systems and the 

formation of Ce0.5Zr0.5O2 nanospheres templated through the microemulsion synthesis, as 

carried out in this work, increased the oxygen storage compared to other synthetic methods 

[25]. The H2O/H2 also raised at higher GHSV, showing again higher selectivity for the WGS 

reaction, while an increase in total pressure had slight effect on the occurrence of the latter and 

methanation. 

This implies that high ratio of steam should be used, which however can be expensive in terms 

of reactor volume and heat of evaporation, while the use of streams already containing high 

hydrogen concentrations coming from reforming may lead to unwanted methane formation. In 



general, the hydrogen concentration in the reaction environment is crucial to discriminate 

between WGS and methanation, with high hydrogen concentrations favouring the latter. 

Another way to increase the H2O/H2 would be to reduce the concentration of hydrogen. To 

further investigate this concept and to provide a method for the in-situ removal of hydrogen 

from the catalyst without affecting its productivity, the WGS tests were carried out inside a Pd 

membrane, in the membrane reactor configuration. 

 

3.4. WGS reaction in a membrane reactor 

After investigating the water gas shift process in a fixed bed reactor, the attention of this study 

focused on the membrane reactor setup, where the former process is carried out inside the 

tubular thin Pd/TS-1 membrane with the aim of producing pure hydrogen already in the WGS 

step and understanding the effect of H2 removal from the reaction environment on the overall 

process. With this purpose, the results obtained over Pt-CZO placed inside the membrane and 

fed with the oxy-reforming outlet, where compared with those obtained in the same conditions 

in the fixed bed WGS. The TS-1 porous protective layer was used to avoid direct contact 

between the catalyst and the Pd, which may lead to the deactivation of the membrane. 

At first conditions where WGS was favoured over methanation and in which Pt-CZO proved 

to be able to increase hydrogen production in fixed bed were selected. Figure 9 compares 

hydrogen yield and CO conversion obtained on Pt-CZO in the fixed bed and in the membrane 

reactor configuration.  

 

 



 

Figure 9: CO conversion, hydrogen yield and methane selectivity obtained in the fixed bed or 

membrane reactor charged with Pt-CZO and fed with the outlet of the oxy-reforming reactor 

which was run at 32000 h-1, 3 atm and H2O/CO=1.68. 

Under these conditions, Pt-CZO was able to provide a high CO conversion of 68% in fixed bed 

as previously discussed. Hydrogen yield was 35% and was held back by the occurrence of 

methanation as highlighted by the production of methane and concurrent hydrogen 

consumption. In the case of water gas shift membrane reactor, most of the produced hydrogen 

was directly separated thought the thin Pd layer that composes the walls of the reactor, and this 

phenomenon influenced the whole catalytic process. A further discussion on the efficiency of 

the separation will be presented in the next chapter, while here we would like to focus on the 

effect that the membrane reactor configuration provides, where hydrogen production and 

separation occur in the same environment. Under the membrane reactor configuration, the 

reagents are sent in the inner side of the Pd-based membrane, where the catalyst is also placed. 

The hydrogen already produced in the oxy-reforming step, as well as those produced over the 

Pt-based catalyst, spread toward the membrane walls, and diffuses toward the Pd dense layer, 

being removed by the reaction environment and creating a dynamic equilibrium when the 

hydrogen that is produced is readily sequestrated and purified supporting the conversion of 

carbon monoxide. When the reaction was run in the membrane reactor, H2 yield and CO 

conversion raised to 73% and 90% respectively, while methane selectivity dropped with no 

methane production in the membrane reactor. In fact, hydrogen purification avoided its 

consumption to CH4, locally increasing the H2O/H2 ratio and favouring the WGS mechanism 

over methanation.  Interestingly, the CO conversion was higher than the equilibrium 



conversion expected for a fixed bed reactor, because of the hydrogen removal that created a 

dynamic equilibrium that pushed toward further hydrogen production and CO conversion.  

A similar behaviour was observed at higher pressure (5 atm) and H2O/CO, where again 

hydrogen yield was increased by 20% and CO conversion by 15%, with no methane produced 

in the presence of the membrane (Figure 10). 

 

Figure 10: CO conversion, hydrogen yield and methane selectivity obtained in the fixed bed or 

membrane reactor charged with Pt-CZO and fed with the outlet of the oxy-reforming reactor 

which was run at 37000 h-1, 3 atm and H2O/CO=3.04 

However, the most interesting results were obtained at lower GHSV, conditions where the 

methanation reaction was favoured over the WGS one in the fixed bed configuration and led 

to hydrogen consumption (Figure 11). 10000 h-1, 3 atm, H2O/CO =1.13 (Figure 11A) total CO 

conversion was observed in the fixed bed, which however was caused by the production of 

methane, as previously discussed and reported in Figure 6.  Interestingly, the fast hydrogen 

separation obtained with the thin Pd-membrane characterized by high permeance, avoided the 

occurrence of the hydrogen consuming reactions, removing the hydrogen reagent and 

increasing the H2O/H2 ratio, promoting WGS and suppressing methanation. At higher 

H2O/CO the fixed bed provided methanation to a lower extent as previously discussed. 

Nevertheless, hydrogen was still consumed rather than produced under these conditions. On 

the opposite high hydrogen yields and CO conversion were obtained with the membrane 

reactor, that were even higher that at lower H2O/CO as the addition of further steam boosted 

the WGS activity. The results presented here clearly shows how the increased hydrogen 

production obtained in these tests are not only caused by the increase of the water gas shift 



reaction by the creation of a dynamic equilibrium thanks to the Le Chatelier’s principle, but 

also to the suppression of methane formation reaction mechanism. In fact, the removal of 

hydrogen and the resulting increase of H2O/H2 ratio led to a high reoxidation rate of ceria sites 

by steam that allowed fast CO oxidation to CO2 and concurrent hydrogen production. 

 

Figure 11: CO conversion, hydrogen yield and methane selectivity obtained in the fixed bed or 

membrane reactor charged with Pt-CZO and fed with the outlet of the oxy-reforming reactor 

which was run at (A) 10000 h-1, 3 atm, H2O/CO =1.13 and (B) 120000 h-1, 3 atm, H2O/CO 

=1.56  

Having understood the mechanism occurring in membrane reactors and how it favours 

hydrogen yield, the operative conditions of the MBR were optimized with the aim of 

maximizing productivity and hydrogen recovery in the purified stream. 

3.5. Maximization of H2 recovery and pure stream 

The reaction conditions of the combined oxy-reforming and WGS process were optimized with 

the aim of maximizing the pure hydrogen flux and the hydrogen recovery, coupled with the 

high CO conversions and hydrogen yield shown in the previous chapter.  

To better understand how the operative conditions influence the separation phenomenon, it is 

important to have a look at the formula governing hydrogen permeation through Pd-based 

membranes, i.e., the Sievert-Fick equation: 

𝐽𝐽𝐽𝐽2 =
𝑃𝑃𝑃𝑃𝐻𝐻2(𝑝𝑝𝑛𝑛𝐻𝐻2, ret −  𝑝𝑝𝑛𝑛𝐻𝐻2, perm)

δ
 

Where JH2 is the hydrogen flux through the membrane, PeH2 is the permeability of hydrogen, 

pnH2,ret and pnH2,perm are the partial pressures of hydrogen at the retentate (where WGS 

occurs) and permeate side (where hydrogen is separated) respectively and δ is the thickness of 

the palladium layer. Finally, n is a constant that depends on the type of membrane, and it is 0.7 

in the case of this study as reported in the experimental. Analysing the Sievert-Fick equation 



some useful considerations can be drawn and help to identify the best reaction conditions for 

the membrane reactor. To have a high permeated flux three parameters can be optimized: (i) 

permeability; (ii) membrane thickness and (iii) difference in hydrogen partial pressure between 

retentate and permeate side. Here, the Pd-based membrane was obtained by electroless plating 

deposition over a porous alumina tube, which allowed to give high permeability, thanks to Pd 

properties, and the thin Pd layer (2 microns) [37]. These parameters are set in the membrane 

production step and for this reason, the only parameter that can be operatively tuned is the 

hydrogen partial pressure. The use of the Pt-CZO catalyst inside the membrane reactor allowed 

to increase hydrogen partial pressure by its production by WGS. Moreover, hydrogen partial 

pressure can be increased by raising total pressure of the combined oxy-reforming-WGS 

system.  

Total pressure was found to be a key parameter to increase purified hydrogen flux and hydrogen 

recovery. Table 5 reports the results obtained at high GHSV and different pressures (3, 5 and 

10 atm) for the oxy-reforming followed by WGS membrane reactor. To further enhance 

hydrogen recovery, in the case of the test at 10 atm, the oven temperature of the oxy-reforming 

reactor was raised from 750 to 840°C, to increase methane conversion and hydrogen production 

in the first step. 

Table 5: Hydrogen recovery and permeated hydrogen flux obtained in the integrated oxy-

reforming and WGS carried out in a membrane reactor at different pressures. 

Oxy-reforming 

operative conditions 

750°C, S/C=1.50 

O/C=0.21, 100000 h-1 

H2 

partial 

pressure 

retentate 

inlet 

(atm) 

H2 

partial 

pressure 

permeate 

(atm) 

Permeate 

H2 flux 

(ml/min) 

Hydrogen 

recovery 

(%) 

3 atm, 37000 h-1 1.2 1.0 175 29 

5 atm, 37000 h-1 2.0 1.0 315 51 

10 atm, 38000 h-1 (oxy-

ref at 840°C) 

4.9 1.0 685 89 

 

Increasing total pressure from 3 to 5 and then to 10 bars led to a consistent increase in hydrogen 

recovery, from 39% to 51% and 89% with a concurrent increase of the pure hydrogen flux from 



182 ml/min to 315 ml/min and 731 ml/min. This increase was caused by the raising driving 

force given by the higher hydrogen partial pressure at the membrane inlet for the tests at 5 and 

10 bar, which favoured hydrogen separation. In the case of the test at 10 atm, the membrane 

inlet H2 partial pressure was 4.5 atm, while a hydrogen partial pressure of 1.3 was measured at 

the membrane outlet. Thus still a small driving force of Δp of 0.3 atm between retentate and 

permeate (which is kept at 1 atm) was observed. This indicated that the membrane has been 

fully exploited, differently from what happened for the empty membrane, thanks to the in-situ 

hydrogen production by WGS that helped to increase hydrogen partial pressure, hence the 

separation driving force. This resulted in 89% hydrogen recovery, which indicates that almost 

all the produced hydrogen has been purified. This value places among the highest in the 

literature for Pd-based WGS membrane reactors (Table 6). A comprehensive comparison of 

the literature results is made difficult by the different operative conditions, catalysts and 

membranes reported. In particular, there is a lack of uniformity in the maximum total pressure 

used, which however, highly influences the permeation of hydrogen as it raises the separation 

driving force (H2 partial pressure). For this reason, the comparison between the hydrogen 

recoveries must be accompanied by a rationalization of the reaction conditions. For instance, 

high recovery (83%) was reported also at low pressure and temperature (1 atm, 325°C) [24]. 

The same value was disclosed by other authors under harsher conditions (11 atm, 395°C) [19], 

while the highest values of 88% and 90% were respectively shown at 450°C and 8 atm [20] or 

14 atm [22]. However, the results of this work provide some advancements with respect to the 

literature. In fact, although different reaction conditions and systems have been reported, most 

of the reported works carried out the water gas shift reaction in the membrane by employing 

simulated WGS feeds, while an integration with the upstream reforming process is reported 

here. In addition, the process studied in this work was carried out at higher GHSV compared 

to other works, a parameter that is fundamental for high hydrogen productivities and that may 

decrease the separation efficiency. Finally, the high hydrogen recovery (89%) was obtained 

without using a sweep gas. Although the employment of a sweep gas increases hydrogen 

permeation by decreasing the hydrogen partial pressure at the retentate side, diluting the 

separated hydrogen, it also adds a cost to the process. Laboratory experiments are usually 

carried out employing nitrogen as a sweep gas for matters of simplicity. However, to recover 

the separated hydrogen in a pure form, easily separable gases such as steam should be used, 

which however require considerable costs for their vaporization. On the opposite, the absence 

of sweep gas in thin Pd membranes has been reported to result in concentration polarization 

effect that decreases the permeated hydrogen flux due to the formation of a thin film of non-



permeating gases in proximity of the membrane layer. However, the hydrogen permeated 

fluxes are proportional to the employed pressure (hence to the driving force of the permeation 

through the dense layer), indicating that this phenomenon is avoided here (Figure 12). This is 

due to high total fluxes employed in this work compared to literature (Table 6) that create a 

turbulent regime which avoids the formation of stagnant films even in the absence of a sweep 

gas.  

 

Figure 12: Hydrogen permeated fluxes obtained in the integrated oxy-reforming and WGS 
carried out in a membrane reactor as a function of hydrogen partial pressure inside the 
membrane. 

Table 6: Hydrogen recoveries obtained in state-of-the-art Pd-based water gas shift membrane 

reactors.  

Membrane Feed Gas T (°C) P (atm)  GSHV (h-1) Sweep 

gas 

H2 

recovery 

Ref 

Pd-Ag H2O/ CO 325 1 1.95x10-5* Yes 83% [24] 

Pd77%-

Ag23% 

H2O/ CO/CO2 430 4 Not reported No 82% [17] 

Pd H2O/ CO/N2 450 3 840** Yes 16% [18] 

Pd77%-

Ag23% 

H2O/ CO 450 8 6240 Yes 90% [20] 

Pd H2/H2O/ 

CO/CO2 

450 14.4 2000 No 88% [22] 

Pd H2O/ CO 390 11 3450 No 83% [19] 



Pd-Ag H2O/ CO/He 500 2.5 5793 Yes 65% [23] 

Pd-Au-Pd Reforming 

+WGS in the 

MBR 

450 5 600 No 45% [21] 

Pd From oxy-

reforming 

400 10 38000 No 89% This 

work 

* mol CO/s; **L/h*gcat 

3.6. Characterization of the used catalyst  

Carbon formation over the catalyst or membrane is a side-reaction that can occur in the 

presence of methane and carbon monoxide especially, if low amount of steam and hydrogen 

are present, as is the case of the membrane reactor operation where hydrogen is readily removed 

by the reaction environment [70,71]. Thus, the used catalyst and membrane were analysed by 

Raman analysis to probe the eventual presence of carbon deposits that may have led to 

deactivation. Carbon can be identified by Raman analysis as it displays two main bands around 

1350 and 1550 cm-1 [72]. The analysis of the catalyst evidenced the absence of carbon deposits 

(Figure 13), which was thanks to the oxygen storage capacity and oxygen mobility properties 

of the Ce based support that are known to provide oxygen to the eventually formed carbon, 

removing it from the catalyst surface [25,42]. 

 

Figure 13: Raman analysis of the Pt-CZO catalyst after the WGS membrane reactor tests. 

 



4. Conclusions 

The present study reports the synthesis of Rh and Pt supported over Ce0.5Zr0.5O2 obtained by 

microemulsion and applied to the methane oxy-reforming and water gas shift integrated 

processes with the aim of pure hydrogen production. To fulfil so, it investigated the use of Pd-

based membranes, which are selectively permeable toward H2. At first, an empty membrane at 

400°C was placed after the oxy-reforming conducted at 750°C giving a pure hydrogen flux. 

However, the driving force of permeation was not fully exploited and for this reason the 

membrane was loaded with the Pt/Ce0.5Zr0.5O2 catalyst to perform the water gas shift reaction 

on the produced reformate mixture. To get insights in the effect provided by the membrane a 

WGS fixed bed configuration was compared to the membrane reactor one. In the first case, the 

occurrence of the methanation reaction was observed, consuming hydrogen, and was related to 

the operative conditions and mainly addressed to high H2/H2O ratios in the feed, that favoured 

the methanation mechanism over the WGS one. The use of the membrane reactor allowed to 

remove the produced hydrogen, increasing the CO conversion over the equilibrium value of 

the fixed bed, increasing hydrogen yield for the Le Chatelier’s principle and avoiding methane 

formation by locally decreasing the H2/H2O ratio, even when this value was high at the 

membrane inlet. Optimization of the operative conditions of the integrated processes allowed 

to obtain a pure hydrogen flux from methane in just two steps with anhigh hydrogen recovery 

of 89% without using any sweep gas. 
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